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Abstract 
The development of alternative concepts for the production of hydrogen via steam methane 
reforming (SMR) has attracted a lot of attention due to the limitations associated with 
the performance of conventional catalytic reactors. Multifunctional reactors (oiubine in a 
single unit chemical reaction, physical separation, and energy integration in (order to en- 
hance overall performance. The investigation of such hybrid configurations has been the 
subject of particular interest in industrial and academic research. The 5 )rption-enhanced 
SMR process concept offers potential for process simplification as well as prospective en- 
ergy conservation. In recent times, numerous theoretical and experimental studies on this 
concept have been published, investigating different process conditions and/or configura- 
tions. Most investigations cited in the literature focus on the use of a fixed bed packed 
with an admixture of reforming catalyst and adsorbent for the selective removal of CO2. 
In the present work, the flow of pneumatically conveyed CO2 adsorbent particles within a 
stationary SMR structured catalyst is proposed, with adsorbent regeneration taking place 
in a separate unit. Hence, the reaction and regeneration stages are decoupled, resolving 
the problem of possible disparity between the adsorption and desorption kinetics. Further- 
more, the pneumatic transport of a CO2 acceptor enables a steady state (non-periodic) 
operation, characterised by additional flexibility towards optimisation, including potential 
for heat integration, i. e., the use of regenerated adsorbent as an energy carrier into the 
monolithic adsorptive reactor. 
This work summarises theoretical studies on this newly proposed process. Mathematical 
models for the adsorptive reactor and the regeneration unit are developed and a detailfad 
11 
fundamental analysis of the process is presented. Important design and operating param- 
eters necessary for process optimisation are identified. Systematic parametric studies are 
carried out to investigate the effect of the adsorbent characteristics on the overall process 
performance. Simulation and optimisation results reveal the feasibility- of this process 
concept. The findings indicate a considerable degree of reaction enhancement through the 
use of a flowing adsorbent medium. The research output also identifies the scope and 
directions for further process development. 
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Notation 
A cross-sectional area of the monolith channel, m2 
bc02 Langmuir model constant, Pa-1 
c molar concentration, mol m-3 
cp, ads adsorbent heat capacity, J kg-ads-1 K-1 
cp, 9 gas heat capacity, J mol-1 K-1 
dp adsorbent particle diameter, m 
De effective diffusivity, m2 s-1 
E conversion enhancement factor, % 
F steam flow rate through the desorber, m3 s-1 
H2 hydrogen purity, mol % 
H2, eq H2-equivalent term, - 
OHads heat of adsorption, J mol-1 
OHRS heat of reaction j, J mol-1 
loh gas - coating heat transfer coefficient, J m-2 s-1 K-1 
kh, ads gas - adsorbent heat transfer coefficient, J m-2 s-1 K-1 
kj rate constant of reaction j; see Xu and Froment (1989a) for units 
kLDF LDF mass transfer coefficient, s-1 
k. mass transfer coefficient, m s-1 
K, adsorption constant for component i (on catalyst surface): 
see Xu and Froment (1989a) for units 
Kj equilibrium constant of reaction j; see Xu and Froment (1989a) for units 
V' 
L reactor length, m 
LHV lower heating values, kJ mol -1 
rim adsorbent mass flux, kg-ads s-1 
mC02 Langmuir model constant, mol kg-ads-1 
M mass of adsorbent in the regeneration unit, kg 
Mi molecular weight of component i, kg mol-1 
NN number of monolith channels, - 
Nu Nusselt number, - 
A molar flow rate, mol s-1 
A partial pressure of component i, Pa 
P pressure i, Pa 
q solid-phase concentration (average over an adsorbent particle), mol kg-ads-1 
QH energy demand of the process, J s-1 
Qr energy input rate for the reactor, J s-1 
Qreg energy requirement for the regeneration unit, J s-1 
r radial coordinate, m 
rads rate of adsorption, mol kg-ads-1 s-1 
'des rate of desorption, mol kg-ads-1 s-1 
r2 formation rate of component, i, mol kg-cat-1 s-1 
R recovery of C021 % 
(or universal gas constant, J mol-1 K) 
Rc monolith channel radius, m 
Rj rate of reaction j, mol kg-cat-1 s-1 
Rp particle radius, m 
Sh Sherwood number, - 
t time coordinate, s 
T temperature, K 
Tin temperature of steam at the desorber inlet, K 
V1 
u superficial velocity ,m s-1 
X conversion of CH4, % 
YH2 hydrogen yield, - 
z axial coordinate, m 
Greek letters 
E voidage, - 
TI catalyst effectiveness factor, - 
10 temperature difference Tods -Tf, K 
A thermal conductivity, J m-1 s-1 K-1 
µ viscosity, Pa s 
p density, kg m-3 
or parameters in Eqs. 3.45-3.46 (see Reid et al., 1987), A 
7 residence time, s 
T adsorptive reactor efficiency, % 
cp adsorbent loading, - 
cjj Chapman-Enskog parameter (Eq. 3.44), - 
S2 parameters in Eqs. 3.45-3.46 (see Reid et al., 1987), - 
Subscripts and superscripts 
* equilibrium 
ads adsorbent (or adsorption) 
AD presence of CO2 adsorption 
c wash coat (catalyst) 
des desorption 
f reactor feed 
I'll 
9 gas 
component 
int interstitial 
reaction 
NAD absence of CO2 adsorption 
saturation 
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Chapter 1 
Introduction 
Hydrogen is a widely used feedstock in the chemical, petrochemic? il and petroleum refin- 
ing industries. Areas in which hydrogen is employed include hydrogenation react it ins (e. g. 
hydro-cracking and hydro-treating processes), synthesis gas applications (e. g. pro(luction 
of ammonia and methanol), Fischer-lYopsch synthesis, manufacture of cheniicalh with spe- 
cific end uses, such as for pharmaceuticals and, of course, fuel cells. Above nil. hydrogen 
is regarded as a future clean and renewable energy source. Obviously its key role in the 
world's economy has attracted a lot of interest. 
Currently most of the large-scale hydrogen demand is met by steam methane reforming 
(SMR) (Armor, 1999). This process involves the incomplete endothermic transformation 
of methane and water to hydrogen, carbon monoxide and carbon dioxide. Due to equilib- 
rium limitations this process must be carried out at high temperatures (up to 1100K) and 
is usually followed by a pressure swing adsorption (PSA) step to remove C02 and Produce 
high purity H2 (Scholz, 1993; Adris et al., 1996). This is a very energy- and capital- 
intensive process, although it should be noted that existing technologies approaches 90 
of the maximum (thermodynamic) efficiency (Stitt, 2004). 
A conventional methane reforming based hydrogen production process can be depicted 
by the block diagram in Fig. I. I. Hot methane and steam are fed to the reforiiier where 
the following reversible reactions take place over supported nickel catalysts in tubular re- 
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actors (reformers): 
CH4+H20 CO+3H2 (1) 
CH4 + 2H20 CO2 + 4H2 (2) 
CO + H2O = CO2 + H2 (3) 
.ý 
99.9°c H2 
steam SMR 
o 
WGS 
o 
PSA 
+ reactor 
48% H2 
reactor(s) 
55% H2 
00 unit 
CH4 -1100K -650K -320K 
Figure 1.1: Block diagram of the SMR process 
Reforming reactions (1) and (2) are strongly endothermic, soy the forward rcactioii is, 
favoured by high temperatures, while the water gas shift reaction (3) is moderately exother- 
mic and is therefore favoured by low temperatures. The kinetics of these reactioºiS on 
a Ni/MgA12O4 catalyst have been studied by Xu and Froment (19(Y)a, b). As shown in 
Fig. 1.2, the conversion of methane is favoured by high temperature, low pressure and high 
steam to carbon ratios (S/C). However, high temperatures promote carbon--producing re- 
actions (Methane cracking: CH4 C+ 2H2, Boudouard reaction: 2CO ýC+ 
C02) CO reduction: CO + H2 C+ H2O) leading to catalyst deactivation. Carbon 
formation can be suppressed by the use of excess steam commonly with 5/C in the region 
of 4 (minimum -1.5, see Adris et al., 1996). 
The overall SMR reactor operation requires heat to be provided to the reformer. and this 
is done through the combustion of methane and pressure swing adsorption 
(PSA) \vastv 
gas. Hydrogen is produced together with all the other species. and its generatioii 
is fur- 
ther increased in the water gas shift (\V'GS) reactor(s) where only the ex thermic react 
ion 
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Figure 1.2: SMR equilibrium conversion (Joensen and Rostrup-\ ielhen, 2002). 
3 
(2) is catalysed at temperatures lower than that of the reformer. Rase (1977) propose( 
a kinetic model for the low-temperature water gas shift reaction on a copper-zinc oxide 
catalyst for temperatures below 560K, while Keiski et al. (1996) studied the kinetics for 
the high-temperature water gas shift reaction on an Fe304-Cr2O: 3 catalyst for temper- 
atures around 600K. Most of the water is separated by condensation as the gas streýnn 
is cooled to almost ambient temperatures before entering the PSA unit where hydrogen 
can be purified to 99.9+%. Species other than hydrogen are selectively adsorbed on a 
solid adsorbent at a relatively high pressure by contacting the gas with the solid in a 
packed column in order to produce a hydrogen enriched gas stream. The adsorbed species 
are then desorbed from the solid by lowering the pressure and purging with high- purity 
product hydrogen, and thus, the PSA waste gas is generated. Continuous flow of product 
is maintained by using multiple, properly synchronized adsorption beds. Combustion of 
the PSA waste gas and methane is used to provide heat for the reformer and also for the 
preheating of feeds and the generation of the export steam. Recovery of the \va tc' Ile( t 
from the still-hot gases leaving the reformer is also used to the same end. Optiniisaticii 
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I 
of the energy utilisation in this process can lead to cost reduction of hydrogen production, 
and therefore several studies addressing this issue have been reported (see Scholz. 1993; 
Rajesh et al., 2000; Posada and Manousiouthakis, 2005). 
However, the main features of the conventional STIR process remain high energy c-on- 
sumption, considerable emissions of CO2 as well as elevated capital and operating costs. 
The development of alternative concepts for production of hydrogen via SMIR has therefore 
attracted considerable attention. In particular, the integration of SMIR reaction systems 
with some form of in situ separation has been widely reported iii the literature. The 
separation can be based either on selective pernieatioii of H2 through ýl in 'nihrfcncI or ý1(1 
sorption of CO2. 
HOOK 
euueuuqpuueuu 
steam 0900000000000 
+ 0000000000000 "000""0""0000 95% H2 CH4 0000000000000 
" Catalyst 
4 Adsorbent 
Figure 1.3: Schematic representation of a packed bed adsorptive reactor for hvdrogeri 
production through SE-SMR. 
Notably, the sorption-enhanced reaction process (SERP), developed by Air Products and 
Chemicals Inc. (Carvill et al., 1996; Hufton et al., 1999), involves the addition of an 
adsorbent into the reaction system for the selective removal of C02, thereby shifting the 
equilibrium of the reversible reaction according to Le Chatelier's principle. 
The adsorptive 
reactor concept represents an important class of multifunctional reactors, which provide 
much potential for process intensification (Stankiewicz. 2003). 
By combining reaction and 
separation in a single unit operation, multifunctional reactors may substantially 
improve 
reactant conversion or product selectivity and, for reversible reactions, establish a more 
favourable reaction equilibrium than that achievable under conventional reactor operat 
io iii 
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at identical conditions. Specifically, the SERP concept focuses on the hydrogen produc- 
tion via steam methane reforming in the presence of a CO2 adsorbent by employing the 
well-established pressure and concentration swing adsorption principles for reaction en- 
hancement; see also Vaporciyan and Kadlec (1989), Alpay et al. (1994a) and Chatsiriwech 
et al. (1994). Waldron et al. (2001) reported that this process concept can be used to 
directly produce high purity H2 containing trace carbon oxides. Moreover the process 
allows high conversion of methane to hydrogen, while operating at a much lower reaction 
temperature (-750K) than that required by the conventional SMMR reactor. Therefore, the 
SERP concept offers the potential for process simplification as well as prospective energy' 
conservation, and numerous theoretical and experimental studies on this cyclic process 
have been recently published; see for example Ding and Alpay (2000b), Ortiz and Harri- 
son (2001), Xiu et al. (2002a) and Wang and Rodrigues (2005). 
Most of these studies suggest the utilisation of fixed beds packed with an admixture of 
reforming catalyst and CO2 adsorbent; see Fig. 1.3. To enable continuous operation, such 
a configuration requires at least two parallel reactors operated alternatively and out of 
phase in reforming and adsorbent regeneration modes. Recently, Johnsen et al. (2006a) 
proposed a continuous sorption-enhanced SMR process based on parallel fluidised bed 
reactors. In any case, still both catalyst and adsorbent have to experience the desorption 
purging. Not only is the catalyst under-utilised in such an arrangement, but as Ding and 
Alpay (2000a) have shown, some adsorbents have much faster kinetics in the adsorption 
step than that during the desorption one, and therefore require different residence times 
in the reaction and regeneration stages. 
In the present work, the flow of pneumatically conveyed adsorbent particles within a sta- 
tionary SMR monolith is proposed, with adsorbent regeneration performed in a separate 
unit. Hence, the reaction and regeneration stages are 
decoupled, resolving the problem 
of possible disparity between the adsorption and desorption 
kinetics. Furthermore, using 
pneumatic transport of a CO2 scavenger enables a steady state 
(non-periodic) operation, 
characterised by additional flexibility towards optimisation, 
including potential for heat 
integration, i. e. the use of regenerated adsorbent as energy carrier 
into the monolith reac- 
CHAPTER 1. INTRODUCTION 6 
tor. The idea of combining a stationary catalyst phase with a mobile adsorbent phase has 
also been proposed by Westerterp and Kuczynski (1987) in the case of methanol synthesis. 
The choice of a monolithic-type reactor configuration instead of a packed bed is based 
on the findings of experimental studies on gas-solid two-phase mixtures through such ar- 
rangements (Ding et al., 2005), which indicate that the control of this type of flow through 
a packed bed system is extremely difficult. Moreover, the use of packed bed in the intended 
application is associated with an undesired high pressure drop due to static hold-up (i. e. 
particles trapped in the interstices of packed particles). In the process proposed in this 
work, three key elements are considered: pneumatic transport of adsorbent through the 
structured catalyst (Ding et al., 2005,2006), CO2 adsorbent performance (Ding and Al- 
pay, 2000a; Yong et al., 2002; Abanades et al., 2004) and overall process optimisation. 
This research encompasses the development of computational methods for rigorous mod- 
elling and simulation of the proposed process and their subsequent use for rational design 
and optimisation purposes. The theoretical studies are complementary to the experimen- 
tal programmes carried out on reactor design aspects (University of Leeds) and novel 
adsorbents development (University of Bath). The overall project falls within a broader 
collaborative initiative of academia and industry (Chemistry Innovation, formerly known 
as Crystal Faraday) to promote sustainable chemical technology. 
The specific objectives of this work are: 
1. To develop mathematical models of the monolithic reactor and the adsorbent re- 
generation unit. Finding a good balance between a realistic (high-fidelity) and a 
computationally tractable model suitable for the conceptual design and optimisa- 
tion of such a complex system is a focal point of this work. 
2. To conduct parametric studies for the identification of important operating param- 
eters of the adsorptive reactor and the fundamental analysis of the overall process 
performance, the results of which will be used to assess the 
feasibility of this novel 
concept. 
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3. To evaluate the effect of adsorbent properties on process performance. More specif- 
ically, this study will focus on the effects of CO2 sorption capacity and absorp- 
tion/desorption kinetics on the operation of the adsorptive reactor alone, as well 
as on that of the full integrated cycle of sorption-enhanced reaction and adsorbent 
regeneration. 
4. To perform model-based optimisation studies in order to identify optimal values of 
the key design and operating parameters. Gauging the sensitivity of the optimal 
process performance on model parameters (or assumptions) will also be attempted. 
5. To gain useful qualitative insights that will highlight the scope and reveal the direc- 
tions for further process development (process schemes, designs and configurations). 
Table 1.1: Thesis outline 
Chapter Contents 
1 Introduction SMR process limitations; SERP concept; Research 
proposal & objectives; Thesis structure 
2 Literature Review Adsorption principles & processes; SE-SMR inves- 
tigations; CO2 adsorbents; Modelling of monoliths 
3 Mathematical mod- Reactor model: 1-D distinctly describing the cat- 
elling alyst, gaseous, and adsorbent phases; Desorber 
model: well-mixed fluidised-bed type of operation 
4 Simulation results Parametric studies; Adsorptive reactor perfor- 
mance; Fundamental process analysis; Effect of ad- 
sorbent characteristics 
5 Optimisation studies Optimisation approach & problem formulation: Re- 
sults; Sensitivity analysis 
6 Conclusions, future Summary of results; Main concluding remarks; 
directions Recommendations for future work 
CHAPTER 1. INTRODUCTION `ý 
This thesis is organized into 6 chapters (see Table 1.1). In Chapter 2a literature re- 
view covering essential features of the research is presented. Chapter 3 deals with the 
mathematical modelling work, whilst Chapter 4 presents simulation results in the form of 
systematic parametric studies. Their aim is to gain a useful insight into the parametric 
sensitivity of the novel process with respect to design and operating parameters. The out- 
come of this theoretical investigation guides the model-based optimisation of the process. 
presented in Chapter 5. Lastly, the final chapter outlines the conclusions of the research 
and suggests some possible future research directions. 
Chapter 2 
Background and literature review 
This chapter contains a literature appraisal on the concepts and methodologies described in 
the introductory chapter. First of all, a comprehensive review of the adsorption principles 
and the periodic adsorption processes is given. This is followed by a review of studies ()i, 
the adsorption-enhanced SMR for hydrogen production. Finally, aspects involved toi the 
modelling of monolithic reactors are discussed in the last section of this chapter. 
2.1 Adsorption principles 
2.1.1 Adsorption phenomena and processes 
The use of solids for removing substances from either gaseous or liquid solutions has been 
widely reported. This process, termed adsorption, involves the preferential partitioning of 
one or more substances from the fluid phase onto the surface of a solid substrate. The 
fluid that is adsorbed is referred to as the adsorbate and the underlying solid material 
as the adsorbent. Adsorption is favoured by low temperatures. high pressures, high en- 
thalpies of adsorption and large adsorbent surface areas. The surface of an adst rbeiºt 
represents a discontinuity of its structure with the forces acting at it being ttiis'aturated. 
Therefore, when the adsorbent is exposed to a gas, the gas molecules will form lmiid with 
it and become attached. When this bonding is characterised by relatively weak force, ' 
mainly the van der Waals but also electrostatic forces, the adsorption is' referred to ; Is ph- 
ysisorption. On the other hand, when the bonding involves much stronger ff )ices resulting 
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from electron transfer between the sorbate and the surface, the (-i(sorptin is referred to 
as chemisorption. As pointed out by Ruthven et al. (1994). physical adsorption is more 
useful for developing practical periodic adsorption processes as it is easier to reverse the 
adsorption, i. e. regenerate the original solid phase by manipulating the external operating 
conditions. 
From the point of view of practical adsorptive process design, it is important to men- 
tion that an adsorbent has a finite capacity for a given adsorbate and the adsorption is 
ceased when the solid is saturated with the adsorbate. At this particular point, the solid 
must be cleaned or regenerated so that it can be re-utilised economically, and the reco>vvrv 
of the pure adsorbate is achieved. It is therefore crucial for the adsorption phenomena to 
be reversible. The two principal mechanisms used to regenerate the solid are: 
" Thermal swing: the bed is heated by a hot gas purge. This is the so called t(1n J)('r 
ature swing adsorption (TSA) process. 
" Pressure swing: the system pressure is reduced at essentially constant temperature 
to desorb the adsorbate and then the bed is purged at low pressure. This is known 
as pressure swing adsorption (PSA) process. 
Alternatively, the temperature or pressure levels in the bed can be manipulated by chang- 
ing the composition of the fluid phase in order to control the direction of the adsorption. 
This type of operation, which is particularly useful when the fluid is a liquid, is termed 
concentration swing adsorption (CSA) process. 
All these cyclic (semi-batch) processes can be collectively viewed as periodic adsorption 
processes. Particular implementations of these processes vary in their degree of complexity 
depending on the number of beds involved, the specific design parameters and the oper- 
ating policy over each cycle. Recent works in this area are summarised in the 
f, ll ving 
section. 
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Temperature swing adsorption 
11 
In thermal swing adsorption processes (TSA) the bed is regenerated by heatii g. ii"Iia11v 
with a stream of hot gas, to a temperature at which the ad,, oorbe(i species are (ie, ()ibrd 
and then removed from the bed in the gas stream. The simplest version of thte T _a 
process operates with two beds, one adsorbing and the other desorbing, in order to enable 
continuous feed flow. Typically, a complete cycle of thermal swing adsorption comprises an 
adsorption step, a desorption step and possibly a cooling step. Gas flow in the desoorptioo11 
and cooling steps can be carried out either in the same or reverse axial direction as the 
adsorption step (see Fig. 2.1). 
Adsorption 
Desorption 
or 
Desorption 
Cooling 
or 
Cooling 
Figure 2.1: Operating steps in TSA processes. 
Desorption in the reverse direction was found to be more energy efficient for a non-uniform 
initial distribution of adsorbate on the solid phase (Carter, 1975). The duration of des- 
orption (or heating) step has an effect on the speed of convergence towards cyclic steady 
state operation. This is approached quickly with a long heating time. whereas steady 
state is achieved more slowly for a short heating time. For instance, if regeneration is 
carried out to completion, cyclic steady state would be achieved after one cycle, regard- 
less of initial conditions of the bed. A cool-gas purge at the end of the deso>ri>tion -, tep 
can generally have an influence on the cycle efficiency, except under conditions NN-here the 
thermal wave propagates faster than the concentration wave. such that the breakthrn ii,; li 
is independent of the initial bed temperature (Davis and LeVan, 198 7, ). As a rille, the 
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thermal wave lags the concentration wave 
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In their theoretical and experimental work. 
Davis and LeVan (1989) showed that a properly timed cooling step had a pronounct, effect 
on the performance of the unit in terms of energy and purge ,, as utilisation. particularly 
for short regeneration times. The authors also proposed an optimal cycle for aclsorbate 
recovery using hot purge gas. This cycle should involve a high-pressure heat-up step in 
order to create a high concentration level of adsorbate. followed by 1 av-pressure purge. 
In relation to the design of the desorber in this study (see §3.6), findings of experiiiiental 
and theoretical studies of the TSA cycle are summarised below: 
" Purge gas consumption decreases with increasing temperature (Kuniai- and Dissinger, 
1986; Schork and Fair, 1988). The energy requirement is an increasing fuiiction Of 
the regeneration temperature and the purge gas consumption, so there is an M Mpti- 
mal purge gas temperature at which the energy requirement is at a mini, 11um. The 
optimal temperature decreases as the effluent gas concentration decreases, hence, in- 
complete regeneration may be operationally favourable (Huang et al., 1993; Hwang 
et al., 1997). 
" Martin and Swanton (1997) confirmed significant energy-saving implications for the 
thermal efficiency of the adsorption processes. Adsorbents degra led by coking, must 
be periodically regenerated, which is an energy-intensive process. Their work on 
coking and hydrothermal ageing improved understanding of how these relate to ad- 
sorbent structure and consequently allowed for operation of these processes under 
conditions that require less frequent regeneration, and in some cases enabled the 
elimination of an unnecessary thermal process step. Thus, considerable energy sav- 
ings were enabled. 
" The linear driving force mass transfer model - see §2.1.5 - provides an adequate 
fit 
to the experimental adsorption and regeneration data (Kumar and Dissinger, 19K6: 
Schork and Fair, 1988; Hwang et al.. 1997). 
Within the scope of this work (well-mixed fluidised-bed type of operation See 
§3.6 in 
contrast to the fixed-bed configuration), an important concern is the attrition of 
the ad- 
sorbent particles. Important particle properties such as surface area, 
bulk density and size 
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distribution may change as a result of abrasion. In the context of 5E S\iR the litoratunv 
on this issue is rather sparse, recently though Johnsen and Grace (2()()7) investigated tlite 
mechanical degradation of a dolomite and a limestone used in a SE-S\IR fluidised bed 
environment. In addition to the loss of capacity due to chemical degradation for both 
adsorbents, the dolomite was reported to exhibit poorer resistance to attrition. although 
more stable chemically. 
Pressure swing adsorption 
In pressure swing adsorption (PSA) systems, regeneration of the adsorbent (luring t lie 
desorption cycle is achieved simply by reducing the total pressure and purging the bed at 
low pressure with a small fraction of the product stream. 
A typical PSA cycle involves three operating steps: 
" Pressurisation step: the product end of the bed is closed and the bed is pressurised 
with the feed gas mixture. Normally, the duration of the step is relatively "'1i ()rt . 
The strongly adsorbed components accumulate on the adsorbent, while the weakly 
adsorbed (and/or the non-adsorbed) components are enriched at the product end. 
" Product release step: the gas mixture flows through the bed. The concentration 
of the strongly adsorbed component increases on the solid phase, while the weakly 
adsorbed components are withdrawn from the product end. 
" Depressurisation (or blowdown) step: the product end in this step is closed. Gas 
flows in the reverse direction to that of the previous steps. As the bed pressure 
drops, the adsorbed components desorb from the adsorbent and elute from the feed 
end of the bed. 
Additional steps, such as purge or backfill, may be introduced in order to improve the 
performance of the separation (see for example Table 2.1). 
Early reports on pressure swing adsorption date from the 1930s, I1o\ ever. pat cilt " by 
Skarstrom (1960) and de Montgureuil and Domine (1964) are generally coiishlered inip(11-- 
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Table 2.1: A typical 5-bed PSA process (Jiang et al., 2004) 
1 Feed product and repress gas 140 
2 First cocurrent depress 30 s 
3 Second cocurrent depress 40 
4 Provide purge 70 s 
5 Third cocurrent depress and blowdown 30 ti 
6 Countercurrent blowdown 40 
7 Receive purge 70 s 
8 Third equalisation repress 30 s 
9 Second equalisation repress 40 
10 First equalisation repress 30 s 
11 Product repress 110 s 
14 
tant milestones in the PSA process development (see Fig. 2.2). Key applicatiOns include 
air separation, separation of normal and iso-alkanes, natural gas dew pointing, hydro, -, on 
recovery and purification (Yang, 1987; Ruthven et al., 1994). 
Waldron and Sircar (2000) simulated the performance of a pressure swing adsorptioii 
process for production of high purity hydrogen from a binary methane-hydrogen ixlixt ure, 
using a detailed, adiabatic PSA model. An activated carbon was used for selective adsorp- 
tion of methane over hydrogen. The effects of different process design, feed gas pressure 
and composition, product H2 purity and hydrogen purge gas pressure on process perfor- 
mance were evaluated. Hydrogen recovery and hydrogen productivity per unit arilount of 
adsorbent were treated as dependent variables. It was demonstrated that many different 
combinations of PSA process steps, their operating and feed gas conditions can be cho- 
sen to produce an identical product gas with different hydrogen recovery and productivity. 
This was also confirmed by Jiang et al. (2004) in their simulation and optimisation studiieý, 
on a five-bed hydrogen purification process. H2 recovery and purity were 
fairly robs st 
objectives and changed only slightly with operating conditions. Thus, some 
flexibility in 
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Step I 
Repressurisation 
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II 
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III 
Product 
Repressurisation 
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Figure 2.2: Skarstrom pressure swing adsorption cycle. 
the design and operation of H2 systems is feasible. Unibed and multibed formulations 
were both used to describe the five-bed operation. Unibed involves simulation of only 
one bed and uses storage buffers to mimic the bed interactions. The multibed framework 
simultaneously treats all beds but only for a portion of the cycle. Multibed tiinnulation 
truly described the dynamic cycle and accurately predicted both transdent and cyclic 
steady-state behaviours, whereas the unibed framework predicted only cý c lic Ott ads ýt t 
behaviour and expressed the transient state only approximately. 
Blowdown 
Blowdown 
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Through both simulation and experimention. Gomes and Yee (2002) shcýR-(ý1 the feasi- 
bility of applying the PSA process for the removal and recovery of CO2 from exhaust fltie 
gases containing inerts. It was shown that the correction of model equations with nlulr i- 
component models in the presence of inerts provided more accurate results. compared toi 
simple corrections involving overall mass balances with input and output inert contents. 
The simulations for multicomponent sorption showed reasonable agreement with cexppeer- 
imental results and the cyclic steady state was found to be established in around three 
cycles. Furthermore, C02 purity increased with an increase in cycle time and the optimal 
cycle time relative to the product purity and recovery was found to be about 300s. Hence. 
it was indicated that the separation is equilibrium rather than kinetically controlled. This 
trend was also shown to be valid through experiments. Greater purity was shy wn toi be 
obtainable with lower feed flow rate and with lower amount of inert component in the 
mixture. Thus, the process efficiency can be further improved by the reduction of inert 
content and the optimisation of the feed rate for a given amount of adsorbent. As purity 
is achieved at the expense of recovery, the determination of complete (optimal operating 
conditions will require an evaluation of desired purity and the corresponding recovery 
available under feasible conditions. 
Recently, Chang et al. (2004) presented a numerical simulation of PSA process with strong, 
adsorbate CO2. The governing equations were converted to dimensionless forms. Dimen- 
sionless analysis presumes a representative magnitude for all process variables including 
the physical properties of the participating components, transport properties between gas 
and adsorbent phases, geometric dimensions of columns, operating conditions of the pro- 
cess and so forth. The adsorption and concentration profiles of CO2 did not demonstrate 
much difference regardless of whether the gas-phase accumulation was considered or ii0t. 
It was indicated that the gas-phase convection mass transfer balances the adsorbent-phase 
mass accumulation in PSA processes with strong adsorbates. The authors suggested that 
any algorithm taking the gas-phase accumulation as the main time-derivative term was 
likely to be subject to considerable stiffness. The algorithm developed was 
found to rea- 
sonably predict the process behaviours even for non-isothermal operation'. 
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Rapid PSA 
1t 
The rapid pressure swing adsorption (RPSA) process was initially developed bvv Turnock 
and Kadlec (1971). The term "rapid" exemplifies the relatively short step durations (sec- 
onds or sub seconds) employed in the pressure swing operation. In PSA. the flow resistance 
is minimised to reduce pressure drop across the bed by using large adsorbent particles. 
On the contrary, a typical RPSA bed is usually packed with relatively smaller particles 
(250-420 µm), which results in steep and dynamic pressure gradieiits. This leads to an 
internal purging mechanism that enhances the regeneration of the adsorbent during the 
depressurisation step. Because of the high energy requirement created by the Lire pres- 
sure drop incurred, RPSA technology is only economically feasible for small to medium 
scale operations (Ruthven et al., 1994). 
The process consists of a single bed operated in two steps: 
" Pressurisation: high pressure feed is introduced to the bed. The strongly adsorbed 
components are retained in the bed, while the weakly (and/or non-adsorbed) coin- 
ponents elute from the bed. 
" Depressurisation: the accumulated gas is allowed to exit the bed from both ends. 
As the bed pressure decreases, the adsorbed components desorb and elute from the 
bed. 
Work by Keller et al. on air separation (Jones et al., 1980; Jones and Keller. 1981) 
demon- 
strated that the introduction of a delay step prior to blowdown and a shorter pressurisat 
ion 
step led to higher product recovery (see Fig. 2.3). These modifications 
improved the per- 
formance of the RPSA process in terms of higher product yields 
but at the expense of 
higher feed gas pressure. 
Alpay et al. (1994b) examined the importance of adsorbent particle size. 
The authors 
considered the air separation using RPSA. For a wide range of operating conditioiis 
ex- 
perimental findings showed that an optimal particle size could 
be identified with r('SI)ect 
to product (02) purity. If, for a selected set of conditions. the particle size \vas 
increaz-ýee<1. 
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Figure 2.3: Operating steps in RPSA processes. 
then the 02 recovery decreased. A theoretical model illustrated that separation pei-fc>r- 
mance was limited by ineffective pressure swing for small particles and by intraparticlc 
diffusional resistance for large particles. In cases where small particles were used, tllc' 
ineffective pressure swing at the product end of the bed resulted in inefficient use of the 
adsorbent, leading, however, to higher product purity in most cases. 
Investigations on both PSA and RPSA processes have been extensively published. Seine 
studies dealt with operational configurations. For example, Bhaumik et al. (1996) reported 
on a RPSA process that was combined with membrane separation. Suzuki et al. (1996) 
carried out theoretical work on piston driven, ultra rapid PSA. Optimisation studies of 
the process include work by Smith and Westerberg (1990), Nilchan and Pantelides (190,8) 
and van Noorden et al. (2003). Issues related to the LDF model and pore diffusion models 
have also been addressed (Farooq and Ruthven, 1990; Lu et al., 1993; Alpay et al., 1994b: 
Crittenden et al., 1994). The determination of cyclic steady state and the existence of 
multiple cyclic steady states have been examined by Ritter and Yang (1991) and LeVan 
and Croft (1995). 
Recently, Kopaygorodsky et al. (2004) developed a dynamic model toi determine the vi- 
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ability of a pulsed Ultra-Rapid PSA (URPSA) air separation process. t"RPSA in. 'Vcolvos 
using a thin bed of monolithic adsorbent and ultra-rapid PSA cycles that consi4t of two 
steps: pressurisation and depressurisation (< 3 s). The authors showed the impact of 
feed pressure, pressurisation time, and depressurisation time on predicted performance 
characteristics, providing an assessment of the practicability of ultra-rapid cycles and thin 
monolithic adsorbents for air separation by PSA. The results of their study suggest that 
URPSA is a viable process that should offer significant advantages over conventional PSA. 
In the aforementioned studies, the conventional randomly packed bed of adsorbent parti- 
cles was used as the mass transfer device for the adsorption processes. HO«-cvc'r, inoncý- 
lithic adsorbers have been shown to offer important practical advantages over the long- 
established packed adsorbent columns, especially for applications where the pressure drop 
has a significant economic impact (Ruthven and Thaeron, 1996,1997: Ruth,, -vii, 200O). 
For example, Brandani et al. (2004) studied the adsorption and diffusion ()f CO2 iii t «v( 
carbon based monoliths, formed by extrusion of an activated carbon adsorbent tc, getlwr 
with a ceramic material to improve the physical strength. The investigation aimed at c hau-- 
acterising the adsorption kinetics and equilibria for CO2 at moderate temperat ores. The 
equilibrium and diffusion parameters were derived by applying two different illeeaLsltrelllent 
methodologies and was shown to be consistent. The authors concluded that the disper'sion 
in the monoliths is controlled by mass transfer resistance rather than axial mixing, whereas 
the diffusion occurs by a combination of the molecular and Knudsen mechanisms, eve" 
though the possibility of some additional contribution from micropore resistance cannot 
be excluded. 
2.1.2 Adsorption within a solid particle 
One of the requirements for solid adsorbents is to provide a 
large surface area per u nit 
volume in order to adsorb a maximum amount of adsorbate. 
As a ccýiýtie<ýueIlcE . -, ui11e 
commercial adsorbents (e. g. hydrotalcites) are usually 
derived from niicrOp>Onuu, - 111ý11cri- 
als which enable the gas molecules to diffuse through their J)ores. 
The gas niolectiles are 
adsorbed onto the solid surface until their concentration 
in the gas phase is equal to Hie 
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equilibrium value corresponding to the adsorbed phase concentration. 
A typical porous particle consists of both macropores and micropmres (See Figure 2.4). 
The macropore (dpore > 200 x 10-10 m) is the void space between the microparticles. The 
micropores (dpo. e <3x 10-10 m) are the pores within the micropartiules that c OIlt gain the 
active sites for adsorption. For non-equilibrium operations. conceiitration gradients de- 
velop both across the boundary film surrounding the particle as well as within the particle 
itself. The rate at which the adsorbate is being adsorbed onto the solid surface i, directly 
related to the concentration in the micropores and the availability of free sites. 
At the microscopic level, the process of adsorption and desorption can be de-eribed by a 
number of sequential steps: 
1. The adsorbate diffuses from the bulk fluid to the external surface of the pellet. 
2. The adsorbate diffuses from the external surface of the pellet into and through the 
macropores. 
3. The adsorbate diffuses through micropores. 
4. The adsorbate is adsorbed onto the surface of the micropores. 
5. The adsorbate is desorbed off the surface of the micropores. 
6. The adsorbate diffuses from the micropores into the macropores. 
7. The adsorbate diffuses from the macropores to the surface of the pellet. 
8. The adsorbate is transported back into the bulk fluid. 
For mathematical modelling purposes, it is often useful to identify the rate controlling 
step, which is assumed to exhibit the highest resistance to mass transfer. 
All other steps 
can then be omitted from the model. 
The gas phase diffusion occurring in the pores of a particle depends on the relative magni- 
tude of the pore diameter and the mean free path of the adsorbate 
in the pore under the 
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Figure 2.4: Schematic representation of an adsorbent particle (Ruthven, 1984). 
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operating conditions (Cussler, 1997; Do, 1998). The mechanisms of gas phase diffusion in 
the pore can be categorised as (see Table 2.2): 
1. Bulk diffusion: when the pore diameter is much larger than the mean free path of the 
adsorbate molecule, the collisions among adsorbate molecules are far more frequent 
than those between the adsorbate molecule the pore wall. Thus, molecular diffusion 
dominates the transportation. 
2. Knudsen diffusion: when the mean free path of the adsorbate molecule is much 
larger that the pore diameter, the collisions between the adsorbate molecules and 
the pore wall become significant. 
3. Surface diffusion: in this case the adsorbate molecule diffuses along the niicropore 
wall surface. Many researchers consider surface diffusion to be the dominant mech- 
anism for diffusion in the micropores. For this reason, they often refer to surface 
diffusion as micropore diffusion (Ruthven, 1984; Yang, 1987). 
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Table 2.2: Equations for calculation of diffusivitie, 
Diffusivity Equation Comment 
T3 1+ 1l1 
1/2 
Bulk Dm = 0.0018583 
L( 
All A12 IJP 
a2 12 
1D, 
12 
Chapman-Enskog theory 
Knudsen D 
2r 8RT 
K=3 
7rM 
r: pore radius 
_ 
62 Surface Ds =- (2-D) 6: distance between two adjacent ad- 
sorption sites: T: oC('llpation time 
In addition to the above-discussed intraparticle diffusion, there is also mass traiisfer 
through a stagnant gas layer (or film) around the exterior surface of a particle, connnic, nly 
known as film diffusion. The corresponding mass transfer coefficient. /j f, wliic h is defined 
as the diffusive flux over the concentration gradient across the filin, can he a1pprc, xiliiated 
as kf= Dm16 f, where bf is the depth of the film. Since Sh = (k f- (1 p)/D,, = dp/S f, 6f can 
be found if Sh and dp are known. The characteristic time constant for filch diffusion, t i; v, 
is defined as tFD =ö f2 ID,,,. For maximum resistance of film diffusion. 5/i = 2, yieldint 
tFD = dP/(4 " Dm). 
2.1.3 Adsorbents 
The adsorbent acts as a separation medium for the process. As has already been iiien- 
tioned, a typical adsorbent has a porous structure. The surface area of each pore provides 
the area for the adsorbate to be deposited. An adsorbent must fulfil the following require- 
ments for effective separation: 
1. The adsorbent must selectively retain one or more adsorbates from the fluid ('ither 
by equilibrium selectivity (in which the adsorption of different species depends 
on t lit 
equilibrium affinities) or by kinetic selectivity (in which the relative adsorption 
de- 
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pends on the differences of intraparticle diffusion rates among different . i(kOrbates). 
2. The adsorption of the adsorbate on the adsorbent must be reversible. As time 
proceeds, the adsorption rate to the adsorbent decreases. Thus the bed mu- t be re- 
generated for repeated uses either by lowering the concentration (or partial pressuirel 
of the adsorbate or by raising the bed temperature. 
3. The adsorbent must be able to adsorb the maximum anic, unt of the adsorbate per 
unit weight of the adsorbent. 
Commercial adsorbents are available in different shapes and sizes. These properties control 
the mass transfer between gas and solid, the rate of intra-particle diffusion and t he pressure 
drop incurred in the bed. Typical adsorbents are silica gel, alumina, activated carbon, 
zeolites, carbon activated sieves and organic polymers. 
2.1.4 Isotherms 
Adsorption isotherms can be expressed in the following general mathematical form: 
[YZ IT 
= Yz 
(Pi) (2.1) 
where q* is the amount of species i adsorbed at equilibrium (mol kg-') at a specified 
temperature, T, and p2 the corresponding gas phase partial pressure (Pa). In other words. 
the adsorption isotherms relate the amount adsorbed onto the surface of a particular 
adsorbent at equilibrium to the concentration (or partial pressure) of the adsorbate in 
the gas phase (see Fig. 2.5). Several models have been proposed in the literature (see 
Table 2.3) to predict pure and multicomponent isotherms (Ruthven, 1984; Yang, 1987: 
Do, 1998; Seader and Henley, 2006). 
Of the isotherms presented in Table 2.3, the Langmuir-type models are found to be ade- 
quately representative of physical adsorption and thus they are most commonly used (see 
Fig. 2.6). These models are based on the following assumptions: 
" Molecules are adsorbed at a fixed number of well-defined localised sites. 
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Figure 2.5: Types of adsorption isotherms. Type I: unimolecular adsorption characterised 
by a maximum limit in the amount adsorbed; Type II: multimolecular adsorption of BET 
type; Type III: multimolecular adsorption where the heat of adsorption of the first layer is 
less than that of succeeding layers; Type IV-V: hysteresis phenomena in niultimolecular 
adsorption (see Seader and Henley, 2006, p. 559). 
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" Each site can hold one adsorbate molecule. 
" All sites are energetically equivalent. 
" There is no interaction between molecules adsorbed on neighbouring site. 
Table 2.3: Adsorption isotherm equations (general mathematical expressions) 
Name Equation Comments 
Henry's law 6= Ic " p, B= q*/qs, ic = ka/kd r,: equilibrium constant 
Langmuir B= Ic p/ (1 +i" p) See Eq. 2.2 
Freundlich 0=k. plan, n>1, k, n= fn(T) No adsorption limit 
BET p=1+ 
(c - 1) p c: constant: niono- 
q* (ps - p) qmc Qmc Ps 
layer adsorbed quantity 
2. 
Therefore, of the molecules striking the surface, only those that strike the bare surface are 
candidates for adsorption, i. e., molecules that strike an adsorbed molecule are elastically 
reflected. Besides, the probability of desorption of a molecule from the surface is the sane 
whether or not the neighbouring positions on the surface are empty or filled by others 
molecules (see Fig. 2.7). 
For adsorption of a pure gas adsorbate, i, the Langmuir isotherm is given as: 
QZ i ci 
4', i 1+ bi c 
(2.2) 
where qS2 denotes the maximum (saturation) amount that can be adsorbed at equilibriuili 
(mol kg-1), bi is the Langmuir constant for the specific adsorption process (m3 mol-1) and 
ci is the adsorbate concentration in the gas phase (mol M-3 ). The Langmuir adsoýription 
isotherm is restricted to a monomolecular layer, and for a gas mixture of \'C components 
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Figure 2.6: (a) The Langmuir isotherm (see Do, 1998, p. 16) (b) Pure gas adsorption 
isotherms for CH4 and H2 on activated carbon (Waldron and Sircar, 2000). 
it can be extended to: 
QZ 
__ 
2c 
Qsi I+ >N i bjCj 
(2.: 
At low gas phase concentrations (bic2 « 1), the Langmuir-type equations reduce to the 
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linear form: 
qi =K1c2 =rip (2.4) 
where KZ is the adsorption equilibrium constant (m3 kg-')-the so called Henry's con_stant- 
and mi is usually referred to as the adsorption isotherm gradient (mol kg-1 Pa-1). On 
the other hand, at high adsorbate concentrations (bic, » 1), q* approaches q,. 
Reflection E %aporation 
Adsorption 
Figure 2.7: Schematic diagram of Langmuir adsorption mechanism on a flat siirface (scece 
Do, 1998, p. 14). 
2.1.5 Mass transfer phenomena 
The rate at which the adsorbate in the gas phase is transferred to the solid is influenced 
by the controlling mass transfer resistance. This may be within the adsorbent particle 
itself, or within an external film surrounding the particle, or a combination of both. 
The most widely used models to describe the transportation of the adsorbate to the solid 
are listed below: 
Linear driving force model (LDF) 
The LDF model is a simplification of the solution to the diffusion equation within a 
spherical particle (assuming a linear isotherm) expressed by: 
Oqri 
_ 
Dei 
ý, 
2 
aqri 
Vr E (O, Rp), t 
Öt r2 ar Ör ' 
(2.; ) 
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where qj represents the adsorbed phase concentration of component i (mol kg-1). r iý the 
radial position within a spherical particle of radius Rp (m) and Dee the effective diffusivity 
of component i (m2 s-1) . 
A quantitative description of an actual separation problem requires the siiiiultanewiý, 'so- 
lution of Eq. 2.5 with the interpellet material balance. It is computationally- con'. "enif'nt 
though to approximate Eq. 2.5 by a simpler expression for the adsorption rate. Aq, /i >t . 
where qi is the adsorbed phase concentration, qri, averaged over the entire volume of it 
particle of radius Rp: 
qi 
3 Rp 
qri r2 dr = R3 
po 
(2. G) 
The linear driving force approximation of Glueckauf and Coates (1047) is the simplest and 
most widely used for mass transfer limited adsorption: 
ýi 
= ki(gz - q2) (2.7) 
where q2 denotes the the adsorbed phase concentration in equilibrium with the local hulk 
(interpellet) phase concentration and ki is the mass transfer c"c)efficic'ut (s-1), which is 
given by: 
ki=15" 
Dei 
2 
p 
(2. n) 
For large values of ki, the LDF model approaches the instantaneous local equilibrium model 
(see below). Although the LDF model it has been formally derived for linear adsorption 
isotherms, it has been the key tool in adsorptive process studies and design (Yang, 19 7; 
Sircar and Hufton, 2000a) and it has been extensively investigated in the literature 
(see 
for example Choong and Scott, 1998; Sircar and Hufton, 2000b; Scrbezoýv and Sot irelio s. 
2001; Rouse, 2004). 
Instantaneous local equilibrium model 
In cases where the mass transfer resistance between the gas and solid pha`E, -:, can 
be 
neglected, the instantaneous local equilibrium model is applied and 
is eXI)resse(l by: 
aqi qi (2.9 ) 
ät at 
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Pore diffusion model 
2 19 
The pore diffusion model assumes that the rate of mass transfer i., approxiniat-ý, I by tile 
fluxes at the pore mouths of the microparticles by solving the diffusion equat io ns for the 
microparticles (Yang and Doong, 1985). The mass balaiice for cuinponent i inside the 
pores of a spherical adsorbent particle is: 
EP 
ac, i +2a (r2Nri) + opýýli = 0, Vr E (0, Rp), Vz E L(1. 
U. t>U (2.10) r är c9t 
where EP is the particle porosity, cj the molar concentrat ion of the gas phase in the pwre 
(mol m-3), Ni rmolar flux of component i into the particle (inol iii-2 s-1) and oj? the 
particle density (kg m-3). 
2.1.6 Heat transfer phenomena 
Adsorption is an exothermic process. The heat generated by adso>rptiiii in a lpackc'd bed 
is transferred from the solid particles to the surroundings by conduction betweeii s(ilid 
particles in both axial and radial directions, and convection from the solid particle to the 
fluid medium. 
The heat transfer resistance for a solid particle subjected to a gas flow rail occur ei- 
ther in the external gas film and/or within the particle itself. depending on wich one is 
the controlling resistance. For typical periodic adsorption processes, the rate controlling 
step is that in the external film (see Ruthven, 1984, pp. 216-217). 
When the heat transfer resistance between the solid particle and the gas phase is neg- 
ligible, instantaneous thermal equilibrium is established between the two phases. \Vhen 
the heat transfer resistance is important, the two phases are of different temperatures re- 
quiring a separate energy balance for the description of the heat transport of each phil . 
In this work, due to the physical properties and the operating natiirce of the 
integrated 
reactor-adsorber, a non-thermal equilibrium model is adopted. since 
in sm-li a svý, tein 
heat consumption and release by reaction and adsorption may result 
in a deviation fruºini 
the instantaneous thermal equilibrium. 
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2.2 Sorption-Enhanced Reaction Process 
The investigation of reactor concepts that combine at least two process functionalities 
synergistically within a single unit has been the subject of considerable attention in both 
university and industrial research. These conceptualisations are commonly cited as mul- 
tifunctional reactors (Krishna, 2002). Integration of reaction and separation presents a 
momentous category of multifunctional reactors (see Fig. 2.8). 
tý hroýýto 
9raph. 
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Figure 2.8: In situ separation functionalities integrated into the reactor (Krishna, 2002). 
The adsorption-based processes of this kind are particularly suitable for large-scale pro- 
cessing under catalytic conditions, mainly due to the established aspects of the process- 
mechanical design of such systems and to the relatively rapid kinetics associated with 
adsorptive separations. Besides, a wide choice of natural and synthetic adsorbents exists 
for attaining the desired separations under the conditions of reaction. 
The advantages of 
adsorptive reactors over conventional catalytic reactors include improved reactor perfor- 
mance (e. g. higher conversion and selectivity) and the prospective 
for primary product 
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separation. Extensive research has been carried out on the different types of adsorptive 
reactors, such as chromatographic reactors (Bjorklund and Carr, 1995; Lode et al., 2001; 
Viecco and Caram, 2006), temperature swing reactors (Yongsunthon and Alpay. 1998. 
1999) and pressure swing reactors (Chatsiriwech et al., 1994; Cheng et al.. 1998; van No- 
orden et al., 2003). 
The work carried out by Air Product and Chemicals Inc. on PSR1 systems is of great 
significance within the scope of this thesis. Carvill et al. (1996) investigated a process for 
the production of carbon monoxide, referred to as Sorption-Enhanced Reaction Process 
(SERP), for the equilibrium controlled reverse water-gas shift reaction (C02+ H2 t=- CO + 
H2O) with the preferential adsorption of H2O. The adsorbent was periodically regenerated 
by using the principles of pressure swing adsorption. The operation involved five steps in 
the sequence (see Fig. 2.9): [1] product release (adsorptive reaction); [2] counter-current 
depressurisation; [3] counter-current purge with a weakly adsorbing extraneous gas; [4] 
counter-current product (CO) purge with a portion of the CO produced in step [1] in order 
to remove the weakly adsorbing extraneous gas from the bed void space; and [5) product 
pressurisation (with CO). The SERP operated at 250°C to achieve 36% conversion, while 
the equivalent PFR at the same operating temperature was 10%. The obtained product 
purity exceeded 99% (v/v) at a pressure of 4.8 bar. 
Hufton et al. (1999) evaluated the SERP concept for the production of hydrogen by steam- 
methane reforming (SMR) reaction, using a fixed packed bed column of an admixture of 
a commercial SMR catalyst and a proprietary chemisorbent to remove carbon dioxide 
selectively from the reaction zone at a temperature of 450°C and a pressure of 4.8 bar. 
The reactor directly produced high-purity hydrogen (>95 mol 
%) at a high methane to 
hydrogen conversion (>80%) with dilute methane (<5 mol 
%) and trace carbon oxide 
(<50ppm) impurities. A conventional SMR reactor needed to be operated at a much 
higher temperature (>650°C) to achieve the same conversion and produced a much lower 
purity of hydrogen product (-75 mol %) with a large quantity of carbon oxide 
(-20 mol 
%). Continuing this work, Waldron et al. (2001) demonstrated the actual cyclic perfor- 
'Periodic Separating Reactor or Pressure Swing Reactor 
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Figure 2.9: Diagram of the sequential SERP steps for the production of (10 by tlw reverse! 
water-gas shift reaction (Carvill et al., 1996). 
mance of the SERP concept for hydrogen production using a pilot scale apparatus with it 
proprietary SMR catalyst this time. Steady-state performance data were reported for it 
reaction temperature of 490°C and pressures ranging from 1.8 to -I. r, bar. The process was 
capable of directly producing 88-95% hydrogen with methane as the prüimry impurity. It 
was also indicated that the concentrations of carbon oxides could be kept below 40 pprn by 
controlling the operating conditions of the process, whereas the conversion of methane to 
hydrogen could be much larger than that dictated by thermodynamics by catalyst- alone 
reactor. 
Recently, numerous theoretical and experimental studies on adsorptive reactor C I1("eI, tý for 
hydrogen production through steam methane reforming have been published. An incliisive 
review is given below. 
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2.2.1 Sorption-enhanced SMR 
33 
Ding and Alpay (2000b) proposed a non-isothermal and non-isobaric dynamic nwdel fcr 
the aforementioned process, which was found to accurately predict the ohý, erved spei ieý, 
elution profiles from the reactor packed with an admixture of a \i-based S\IR catalyst 
and hydrotalcite adsorbent. The authors investigated the influence Of Simi key operatiiiga 
parameters on the degree of reaction (conversion) enhancement. Their work led to the 
following conclusions: (i) a high reactor space time is favourable for minimising the effect, 
of adsorbent intraparticle mass transfer resistances and, of course, for overcoming kinetic 
limitation to reaction, (ii) for a given conversion of methane or yic lcl of c"arboii dioxide, 
the SE-SMR process enables operation with lower steam-to-methane ratios, and/or higher 
operating pressures, and (iii) under the conditions of SE-SMR operation, negligible dc'ac - 
tivation of the catalyst occurs. 
Xiu et al. (2002a) theoretically analysed the five-step one-bed SERP, using data frone 
the earlier works of Hufton et al. (1999) and Ding and Alpay (2000a, b). A detailed math- 
ematical model was developed and used to determine suitable operating (u I1(litions of 
this periodic process that allow the production of a sufficiently high H2 purity (average 
purity over 80%) with traces of CO and C02, high methane conversion, fiLst adsorbent 
regeneration and cyclic steady-state operation. The simulation reslilts were found to Inc 
in reasonable agreement with experimental data from the literature (Hufton cat al., 1999; 
Ding and Alpay, 2000a) for SE-SMR. The authors suggested that for the specified system, 
increasing the packing density, the adsorbent/catalyst ratio and the residenc c» time in the 
adsorptive reactor can improve methane conversion and favour the production of higli 
purity hydrogen. They concluded that there is scope for improvement of the adsorbeiit 
regeneration method, since simulations showed that a longer reactor produces purer H2 
product gas, but, on the other, hand pressure losses during the regeneration step limit the 
process performance. 
In their subsequent study, a modification of the aforementioned process v' theoretically 
investigated, in which reactive regeneration (through methanation and reverse water -at, 
shift reactions) was used to improve CO2 desorption (Xiu et al.. 2002b). A fow- "tep º, ne- 
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bed process was proposed: [1] high pressure reaction/adsorption at high temperature; [2] 
depressurisation; [3] low pressure reactive regeneration with a mixture of 10`Y H2 in -N" 
at low temperature and purge with steam at high temperature; and [4] pressurisation 
with steam at high temperature. The operating temperature during the regeneration step 
was lowered to thermodynamically favour the methanation reaction. It was shown that 
this mode of operation resulted in considerably shorter regeneration times, while main- 
taining high H2 purity and production rate. The model results qualitatively agreed with 
experimental data reported by Waldron et al. (2001). The authors also demonstrated 
that the in situ separation and reaction concept could be extended to possibly integrate 
sequential reaction systems involving simultaneous endothermic and exothermic reactions. 
The above authors later presented a non-isothermal, non-adiabatic and non-isobaric 
model for the SE-SMR that takes into account the effects of intraparticle diffusion limi- 
tations on the reactions and CO2 adsorption processes (Xiu et al., 2003a). The Fickian 
diffusion model was adopted and the mechanism of the adsorption-enhanced SMR was 
studied by analysing the profiles of the bed concentrations, temperature, velocity, pres- 
sure, reaction and adsorption rates. It was found that the adsorbent is saturated gradually 
with CO2 from the inlet part of the adsorptive reactor, propagating to the outlet with 
time. Correspondingly, the adsorption-enhanced reaction (AER) zone moves ahead along 
the bed and sharp peaks of the AER rates were predicted at the adsorption front edge. 
The authors also pointed out that the effectiveness factors were difficult to be evaluated in 
comparison with conventional reactor. However, they proposed that the presented method 
can be used to estimate the average effectiveness factors that may be subsequently applied 
in a simpler model (e. g. LDF model for CO2 adsorption combined with average effective- 
ness factor for the catalyst). 
Consequently, Xiu et al. (2003b, 2004) applied the subsection-controlling strategy to the 
design of the adsorptive reactor to improve the SE-SMR. They used subsection-packing 
ratio of adsorbent and catalyst and subsection-controlling wall temperature 
(see Fig. 2.10). 
In the case of the subsection-controlling wall temperature, there is a 
lower operating tem- 
perature zone at the outlet of the adsorptive reactor where the remaining 
CO and CO2 
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concentrations in the gas stream can be decreased further by the principle of temperature- 
induced equilibrium shift. In the inlet zone of the adsorptive reactor, the S\IR is more 
intensive, and the reaction rate is fast, so it is packed with more catalyst than the middle 
section. In the second section the sorption-enhanced SMR is dominant and thus it may 
be packed with more adsorbent. A mathematical model for this process was developed 
and at low operating pressures a product gas with H2 purity above 857c, and traces of 
CO2 (<300 ppm) and CO (<30 ppm) can be continuously produced with higher hydro- 
gen productivity by a four-step one-bed (a 6m long adsorptive reactor) pressure swing 
sorption-enhanced SMR cyclic process. 
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Figure 2.10: Schematic of sorption-enhanced reactor with subsection- controlling strategy 
(Xiu et al., 2003b). 
More recently, the same research group recommended that the models by Ding and Alpay 
(2000b) and Xiu et al. (2002a), albeit realistic for process description, do not provide 
directly comprehensible results due to the highly nonlinear interactions involved. They 
therefore proposed a simplified and conceptually more compact model for facilitating the 
process analysis (Wang and Rodrigues, 2005). More specifically, a two-section reactor 
model was developed, the first part containing the catalyst alone (equilibrium section) and 
the second packed with an admixture of the catalyst and the CO2 adsorbent 
(adsorption 
reforming section). It was assumed that the bed length of the first section required 
for 
achieving equilibrium conversion is negligible, compared to the relatively 
long bed length of 
ý'w = cones 
the adsorption reforming section (see Fig. 2.11). Additionally, thermodynamic consistency 
0 Msoibeit " Catalyst 
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of the model was accomplished by assuming isothermal and isobaric operation for both 
sections. This approach allows the contribution from the equilibrium conversion and 
the sorption enhancement to be quantitatively identified. The authors showed the bed 
residence time to have a significant impact on the sorption enhancement. with longer 
residence times being suitable for promoting H2 purity and controlling CO concentration. 
A comparison between the two alternatives for extending residence time indicated that 
increasing bed length can result in higher H2 productivity than lowering gas velocity. 
I Equilibrium Conversion Section 
II Adsorption Reforming Section 
top 
0.0 L 
Figure 2.11: The conceptual scheme for the two-section model proposed by Wang and 
Rodrigues (2005). 
Lee et al. (2004) analysed the transient behavior of the catalytic STNIR over a 
Ni-catalyst 
coupled with simultaneous CO2 removal by carbonation of CaO pellets in a packed 
bed 
reactor for hydrogen production through a mathematical model and reaction experiments 
for model verification. A dynamic model was developed to 
describe the process at non- 
isothermal, non-adiabatic, and non-isobaric operating conditions assuming that the rate 
of CaO carbonation in a local zone of the packed bed is governed 
by kinetic limitation 
or by mass transfer limitation of the reactant CO2. The model was used 
to investigate 
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the effects of major operating parameters on the transient behavior of the in ., itu C'aO 
carbonation-enhanced SMR. The bed temperature was found to be the most important pa- 
rameter for determining the amount of CO2 removed, while higher temperatures resulted 
in higher CO production during the pre-breakthrough period. The author, cone Bided 
that operation at high pressure, high steam to methane feed ratio and decreased feed nitc 
at a given temperature are favorable for increasing the degree of the overall utilisation of 
CaO pellets in the reactor bed, and for lowering the CO concentration in the product. 
Rajasree et al. (2006) proposed a reactor design strategy that considers, the combina- 
tion of tubular packed-bed microreactor (TPBM) operation and catalyst dilution by CO. ) 
adsorbent for enhancement of the SMR process. A dynamic 2-dimensional Is 'u(l()liO VIII - 
neous model was developed and used to investigate the improvement in STIR perforiliance 
pertaining to effects of varying reactor diameter, extent of catalyst dilution by adsorbent, 
and solids packing density. The simulation results indicated that the improved beat trans- 
fer characteristics of the TPBM combined with the effects of catalyst dillition and CO., 
adsorption complement each other. As a result, enhanced reactor performance in terms 
of methane conversion and hydrogen purity was predicted. The authors cc )ncluded t li<<t 
the simultaneous optimisation of reactor diameter and adsorbent loading could c"ontribut 
towards the cost reduction and miniaturisation of fuel processors for fuel cell applicat ions. 
Discussion so far considered fixed-bed adsorptive reactors, which represent the predomi- 
nant configuration in the literature for both experimental and modelling investigations 
of the SE-SMR process. Fluidised bed reactor systems for hydrogen production by 
adsorption-enhanced SMR will now be reviewed. Fluidised beds are commonly used in 
processes, which involve continuous catalyst regeneration, e. g. fluid catalytic cracking. 
Their advantages over packed bed reactors include enhanced heat transfer. temperature 
uniformity and higher catalyst effectiveness factors. 
Kurdyumov et al. (1996) used a specially treated form of dolomite as adsorbent (aas tive 
CaO with chemically inert MgO) in a continuous fluidised bed reactor containing inicro- 
spheres of nickel on alumina catalyst. Freshly regenerated particles of the ii(ko orl )ent wert, 
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fed to the fluidised bed in a direction countercurrent toi reactant gas How. Large a(k, r1)ent 
particles were used so that they could travel due to gravity through the fluidised cat; ily-'r 
particles toward the feed gas end of the bed. The size and density difference' between the 
adsorbent and catalyst materials allowed complete separation between them at the gas 
inlet end. The adsorbent particles were pneumatically carried to a thermal regenerator 
for CO2 desorption. A significant enhancement of CH4 conversion to H2, compared to 
that achieved by using catalyst alone, was reported at a reaction temperature of 650"('. 
pressure 2 MPa and H2O/CH4 molar ratio equal to 6. The prodiic t gas leacviii the flu- 
idised bed contained 97-98% H2 and virtually no carbon oxides. 
Prasad and Elnashaie (2004) proposed and modelled a novel reactor-regenc'raltur con- 
figuration in which a CaO-based adsorbent was added to assist hydrogen peri«sc'Ieutive 
membranes in "breaking" the thermodynamic equilibrium of SMR. The at uthors chose a 
fast fluidised bed as reformer and found that increasing the adsorbent particle size by 
incorporating a slip factor into their model, resulted in higher hydrogen yield, as the I-f's- 
idence time for carbonation increased. 
More recently, Johnsen et al. (2006a) carried out an experimental study of SE STIR in 
a bubbling fluidised bed reactor with dolomite as CO2 acceptor. The bed was oper- 
ated cyclically and batchwise, alternating between reforming /carbonation conditions and 
higher-temperature calcination conditions for adsorbent regeneration (see Fig. 2.12). The 
catalyst was not separated from the adsorbent between the cycles. An equilibrium H2 
concentration of --98% on dry basis was reached at 600°C and atmospheric pressure. Par- 
ticular attention was given to the multi-cycle performance of both the catalyst and t1 le 
adsorbent. Multiple reforming/regeneration cycles showed that hydrogen concentration 
remained at 98-99 vol % after 4 cycles. The total production time was reduced with an 
increasing number of cycles due to loss of C02-uptake capacity of the dolomite, 
but the 
reaction rate seemed to be unaffected for the conditions investigated. 
Based on the above experimental findings, theoretical analysis of a 
dual bubbling fluidised 
bed reactor system was conducted (Johnsen et al., 2006b). 
A steady- state model «-aLs 
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Figure 2.12: Simplified schematic of the sorption-enhanced SMiR process propo secl by 
Johnsen et al. (2006a). 
developed and used to predict the product composition with focus on the expected energy 
efficiency and carbon capture performance of a continuous system. Dry H2 conceiltrations 
above 98% were predicted for temperatures of 600°C and a superficial gas velocity of 0.1 
m s-1. Simulation results also showed that the reformer temperature should not be lower 
than 540°C or above 630°C for carbon capture efficiencies to exceed 90%. Calculations 
showed that operating at relatively high solids circulation rates results in higher system 
efficiency, whereas the addition of fresh adsorbent reduces the efficiency of the system. 
The authors concluded that the cycling capacity property of any chosen adsorbent is of 
great importance in terms of practicality and optimisation of the process. 
2.2.2 CO2 adsorbents for SE-SMR 
The equilibria and kinetics of CO2 adsorption over various adsorbents have been exten- 
sively studied, especially at low temperatures (273-400K) and low partial presstires (0 
lbar) of operation, in which CO2 is the only adsorbate. However, for the scope of the 
sorption-enhanced steam methane reforming, it is more important to study the ad()rp- 
tion of CO2 on adsorbent materials at high temperature. For use in such a process. t lie 
0114, H2O 
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adsorbent material should fulfill the following requirements (Reijers et al.. 2006): 
" It should exhibit sufficient C02 capacity in the temperature range 650-850K and in 
the pressure range 1-40bar. 
9 It should be able to withstand the high psteam/pC02 ratios (typically > 20) linder 
reforming conditions, where p, st,,, m and pC02 are the partial pressures of steam and 
gaseous CO2 respectively. 
" It should be stable enough, both chemically as well as mechanically, for extended 
periods under these conditions. 
" Adsorption and desorption kinetics should be sufficiently fast. 
From a literature search it follows that there are three groups of materials within the 
interest of SERP , namely hydrotalcites 
(see Fig. 2.13), lithium metal oxides 
(e. g. llthluiu 
zirconates) and metal oxides (e. g. dolomite, CaO). 
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Figure 2.13: Structure of hydrotalcite-like compounds (Hutson et al., 2004). 
Hydrotalcites exhibit relatively low adsorption capacities and have been intensively studied 
for high temperature CO2 capture (Ding and Alpay, 2000a; Reijers et al., 2006). Lithium 
zirconates have been characterised by high adsorption capacity, 
but kinetic limitation 
have also been reported (Xiong et al., 2003). CaO-based adsorbents are promising 
for 
CO2 capture at high temperatures, and the enhancement of their uptake capacity and 
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reversibility has attracted research attention (Lu et al.. 2006). Hydrotalciteý m ay be 
regenerated by pressure swing since the heat of adsorption is rather low. Materials Of the 
other two groups are preferably regenerated using temperature swing since they react with 
CO2 through a strongly exothermic reaction. Clearly, the choice of adsorbent material. 
as well as the desorption mode, is of great significance for the system configuration and 
efficiency of a SE-SMR process. Key properties of typical adsorbents for SE- SMiR are 
provided in Table 2.4. 
Table 2.4: Properties of typical CO2 adsorbents for SE STIR 
Adsorbent Capacity AH298 (kJ mol-1) Reference 
K-promoted HTIc 0.65a -17 Ding and Alpay (2000a) 
Mg-Al-CO3 HTIc 0.89a - Hutson et al. (2004) 
CaO 49.5b -178 Ochoa-Fernandez et al. 
(2007) 
Li2ZrO3 27.1b -160 Ochoa-Ferniiiºdez et al. 
(2007) 
K-doped Li2ZrO3 20.7b - Ochoa-Fernandez et al. 
(2007) 
Na2ZrO3 16.3b -149 Ochoa-Fernandez et al. 
(2007) 
Li4SiO4 22.9b -143 Ochoa-Fernandez et al. 
(2007) 
amol CO2 per kg adsorbent 
b(g CO2 /g adsorbent) x 100 
Yong et al. (2002) have provided an inclusive review on the adsorption of CO2 at high 
temperature. Adsorbent materials including carbon-based adsorbents. metal oxide s()c-- 
bents, zeolites and hydrotalcite-like compounds (HTlcs) for CO2 at high temperature NA-ere 
discussed. The authors identified some key issues related to the development of CO2 ad- 
sorbents at high temperature, such as understanding the adsorption mechanism ()f CO on 
different types of adsorbent materials; finding the best chemical reagent to modify ads ýr- 
2.2. Sorption-Enhanced Reaction Process 42 
bents for enhanced adsorption of C02; studying the adsorption and desorption kiiietic, ()f 
CO2 on the adsorbents; and choosing the optimal technological conditioiis for industriali- 
sation. They also concluded that although chemically modified carbon--ba ,, (, d ads ()rb¬ iits. 
zeolites, HTlcs, and basic alumina can all directly be used as adsorbents for the removal 
and recovery of CO2 from power plant fuel gases, only HTlcs and basic alumina have 
enough adsorption capacity of CO2 to be used in the sorption-enhanced reaction process. 
The equilibria and kinetics of high temperature CO2 adsorption on hydrotalcite adsorbent 
have been studied by Ding and Alpay (2000a), using semi-technical and bench-scale elu- 
tion apparatus. The chosen conditions of measurements depicted those of the SE SMR, 
process, i. e., temperatures up to 753K and in the presence of water vapour. At 753111. - and 
in the presence of water vapour, adsorption saturation capacities of -0.58 mol kg-1 were, 
measured and found to be insensitive to the actual concentration of feed water. Under 
dry feed conditions, a small reduction in the capacity of the fresh adsorbent (r10%) was 
observed, however, both dry and wet feed cases were adequately described by Langmuir 
models. A mathematical model based on a LDF description of mass transfer, in which t he 
non-linearity of the isotherm was incorporated, was found to give a good description of 
the key operating steps of the PSR process. The work also highlighted the c"oInplexitics 
of CO2 adsorption on hydrotalcite in which, for example, pre-adsorbed layers of water 
and CO2 may alter the capacity of the material, and possibly generate adsorption sites for 
physisorption. For adsorbent previously not contacted with steam or CO2 feed, an initial 
strong adsorption of material was observed, implying a chemisorption mechanism. 
Yong et al. (2001a) have investigated the adsorption capacities of CO2 on six commercial 
hydrotalcite-like compounds and the main factors (aluminum content, anion type, water 
content and heat treatment temperature) influencing their adsorption capacities at high 
temperatures. The findings indicated an optimal aluminium content heat treatment tem- 
perature, when HTlcs are to be used as adsorbents for CO2 at elevated temperatures. 
The authors suggested that the CO2 adsorption capacity is mainly dependent on the mi- 
croporous volume, interlayer spacing and layer charge density of the HTIcs. The same 
group later proposed that the adsorption capacity of carbon dioxide on a carbon- t><ised 
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adsorbent at high temperature can be greatly enhanced by simple chemical treatment-. 
which introduced metal oxides and a heteroelement. They concluded that the cheniicalh- 
modified carbon-based adsorbent is very promising for use in sorption-eiihanced reaction 
process when its adsorption capacity is improved (Yong et al., 2001b). 
A worthnoting finding of the above studies was that the CO2 ads, o>rptioii capacitor fol- 
lowed the trend Q300 > Q2o > Q200, where QT is the adsorption capacity at 1 atin and 
temperature T, °C (Yong et al., 2001a). The authors suggested that this is due to a de- 
crease of the interlayer spacing (see Fig. 2.13) between ambient temperature and 200°C', 
resulting in less void space, thus inhibiting CO2 adsorption. They further proposed that 
dehydroxylation and decarbonation of the HTIc at 300°C results in structural mo idifi- 
cations, increased porosity and an enhanced adsorption capacity. Hutson et al. (2004) 
characterised the structural changes of a synthetic HTIc (see Table 2.4) upon heating to 
200 and 400°C. These changes were particularly related to observed behaviour with re- 
spect to the physisorption and chemisorption of CO2 at 200°C (see Table 2.5). The authors 
concluded that HTlcs are very open to physical and chemical manipulation and therefore 
they may conceivably be synthesised and tailored for use in high-temperateire CO. 2 cap- 
ture processes. Hence, the effect of the adsorbent characteristics on the performance of 
the proposed process is accommodated in this work (see §4.2). 
Table 2.5: Adsorption capacities (at 200°C and 107 kPa) for HTIc after heating to 200 
and 400°C in vacuum (Hutson et al., 2004) 
CO2 adsorption capacity, mol kg-1 
sample combined physisorption chemisorption chemisorption 
contribution 
HTIc-200 0.604 0.274 0.330 54. (3`X 
HT1c-200 0.896 0.731 0.165 18.4% 
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Ochoa-Fernandez et al. (2005) developed a novel soft chemical method. which wa, found t( 
significantly improve the CO2 adsorption kinetics and stability of lithium zirconate. The 
CO2 adsorption properties were evaluated using a tapered element oscillating microbal- 
ance. A kinetic equation for the adsorption of CO2 as a function of CO2 partial pressure 
and the temperature was determined. The derived expression was used for the siniulatiuýn 
of SE-SMR by a dynamic 1-D pseudo-homogeneous fixed-bed reactor model. Simulation 
results showed that the process is capable of directly producing H., purer than 05 mol % 
with methane as the main side product and less than 0.2 mol % of CO. 
Readman and Blom (2005) reported on the investigation of dolomite as a potential re- 
versible high-temperature CO2 adsorbent, using in situ powder X-ray diffraction. Dolomite 
was treated in inert atmosphere at 900°C resulting in its decomposition into sepanite CaO 
and MgO rich phases and it was never reformed upon CO2 sorption. The eexperinl('iit > 
showed that the calcined dolomite could go through several cycles of CO2 adsorption/des- 
orption in a reversible manner, but the sorption capacity diminished with each cycle. 
Only calcium seemed to be involved in the CO2 sorption, while -\I--O acted as a carrier 
for the calcium phase. The authors concluded that the development of reversible high 
temperature CO2 adsorbents is not a trivial task and there are still many key factors 
influencing the sorption properties of even well-known materials, such as dolomite. 
More recently, Ochoa-Fernandez et al. (2007) presented a comparative study of five dif- 
ferent high-temperature CO2 scavengers (see Table 2.4). Their work showed that none of 
the adsorbents completely fulfill all the requirements for use in SE-STIR. CaO «was found 
to be the most favourable material from the thermodynamic point of view leading to the 
highest H2 yields. However, the authors suggested that its stability must be improved. 
advocating that Na2ZrO3 may be a promising alternative. 
2.3 Monolithic type reactors 
Monolithic structures or monolithic reactors (see Fig. 2.14) are relatively new compared 
to other more customary types of heterogeneous reactors such as 
fixed- bed or fluidised 
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bed reactors. In the last thirty years, substantial work has been done on the analysis of 
monolithic reactors, of which most important applications include automotive exhaust gas 
emissions control as an afterburning reactor for the combustion of hydrocarbons and CO. 
catalytic combustion and selective catalytic reduction, the most widely used catalytic N -Or 
removal technology (Hayes and Kolaczkowski, 1994; Santos et al., 1998). A monolithic 
reactor resembles a honeycomb structure consisting of hundreds of individual parallel 
passageways of the order of one millimetre inside dimension and a variety of cross sectional 
shapes (Williams, 2001). The wall (substrate) may be either ceramic or metal and can be 
either coated with a high surface area washcoat (e. g. alumina) of 10 to 50jim that contains 
the dispersed catalyst or may itself contain the catalyst as an integral part of its structure 
(Leung et al., 1996; Kolaczkowski, 1999). Such a monolith support structure combines a 
relatively high surface to volume ratio with a low pressure drop and is, thus, preferred to 
a packed-bed reactor (Kolaczkowski, 1995). 
Ceramic Monolith 
Individual 
Channel 
Supported Catalyst 
Layer 
Figure 2.14: Monolith, individual monolith channel, and cross-section of channel with 
catalytically active porous layer (Geus and van Giezen, 1999). 
The successful use of the cordierite monolith (a type of ceramic monolith) 
in the treatment 
of automotive exhaust gases has given rise to their use in other applications. 
Monoliths 
Cross Section 
Channel 
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are increasingly under development and evaluation for maiiv new reactor aapplications, e. g. 
chemical process and refining industries, ozone abatement and industrial heat recovery. 
The utilisation of other substrate materials and designs in mangy- of these applicat io i' may 
be promising, since the process requirements are not as demanding as these of automotive 
emissions control. Additionally, because of the high cost of a monolithic catalyst, only pro- 
cesses in which the catalysts are sensibly stable and/or easy to regenerate are practicable, 
such as liquid phase hydrogenations, oxidations of organic compounds and biotechnology 
processes (Cybulski and Moulijn, 1998). 
However some disadvantages of the monolith may restrain extensive use outside the envi- 
ronmental applications. The parallel channel monolith is essentially an adiabatic reac'tcýr 
limiting the control of temperature. For many exothermic or endothermic chemical or 
petroleum reactions, selectivity is ruled by temperature and as a result these tvpc's of 
monoliths are not suitable. A metal heat exchanger or metallic foam can be emJ)l )yecl. 
in order to control temperature, but the quantity of catalyst on the walls in a specified 
volume of monolith is much less than a comparable volume of small diameter beads or ex- 
trudates. Hence, for chemical controlled reactions, the monolith may not contain enough 
catalyst to yield the desired conversion efficiencies (Heck et al., 2001). 
2.3.1 Modelling of monolith reactors 
The modelling of the monolithic reactors has attracted a lot of research attention and, thus, 
has been extensively investigated and published. In order to illustrate the interactions that 
may take place in a catalytic coated channel, the case of a monolith type combustor is 
considered (see Fig. 2.15). As the fuel and air flow down the channel, the reactant', 
(i. e. 
methane and oxygen) are transported to the catalyst surface, where they 
diffuse into the 
porous structure and react on catalytically active sites. The products of the reaction, 
though, diffuse through that porous structure and into the gas phase, which continues 
to flow down the channel. Concurrently, a rise in temperature occurs. as the 
highly 
exothermic combustion reaction proceeds in the catalyst 
layer. The gas phase temperature 
increases due to the energy convection, driven by the temperature difference 
between the 
catalyst layer and the bulk gas. Heat conduction through the walls and radiation 
bet«teeii 
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the walls also arise in the axial direction (Kolaczkowski, 1999). 
FE Convection R Diffusion M Conduction ® Radiation WChemica Reaction 
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Figure 2.15: Sketch of a monolith channel indicating the relevant physical and chemical 
phenomena in the gas phase, washcoat, and substrate (Holder et al., 2006). 
In automobile exhaust applications, typical monolithic reactors operate in the laminar flow 
regime and have a negligible pressure drop. The hydrodynamic entrance region is usually 
a small fraction of the overall reactor length and fully developed flow can be assumed 
in the main part of the monolith channel (Hayes et al., 1992; Hayes and Kolaczkowski, 
1994). Despite the laminar flow, a monolithic reactor can essentially be modelled as a 
plug-flow reactor due to the considerable radial diffusion in the narrow channels (Hoebink 
and Marin, 1998). This approach is also adopted in this work (see §3.2). 
Modelling of the mass and heat transfer processes in the monolithic reactors, adjoined 
with heterogeneous and/or homogeneous reactions can be realised through distributed or 
lumped parameters models. In the literature the typical modelling procedure involves 
splitting the computational domain into parts and treating each part singly. On average, 
the domain is split into the gas and solid phase and each one of them can be modelled as 
a one-dimensional (Heck et al., 1976; Sincule and Hlavacek, 1978; Tronconi et al., 1992; 
Groppi et al., 1995b; Nakhjavan et al., 1995; Choi et al., 1996; Kirchner and Eigenberger, 
1996,1997; Tomasic et al., 2004), two-dimensional (Young and Finlayson, 1976a, b; Lee 
and Aris, 1977; Groppi et al., 1995a; Leung et al., 1996; Hayes and Kolaczkowski, 1999: 
Wanker et al., 2000; Tomasic and Gomzi, 2004) or even three-dimensional system 
(Jahn 
et al., 1997; Roduit et al., 1998; Papadias et al., 2000). One-dimensional models are 
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generally preferred to multi-dimensional ones as the latter are more difficult to solve and 
require more computational time. 
For the gas phase, one-dimensional models consider merely variations along the arxiaal 
direction of the channel. This type of models rely on average radial concentrations and 
temperatures, while mass and heat transfer coefficients are introduced tu account t(ýr the 
discontinuities at the wall. On the other hand, two-dimensional models consider Baas-phase 
mass and heat variations both in the axial and radial directions and it is possible toi iniipo ose 
flux boundary conditions. Thus, these coefficients are not necessary. In reality, such iiiass 
and heat transfer coefficients, in the forms of Sherwood (Sh) and Nusselt (\ u) dimension- 
less numbers, are commonly calculated from the radial concentration and temperature 
gradients obtained by two-dimensional models (Leung et al., 1996-, \Vanker et al., 2000). 
However, as it will be seen later in this section, there is some controversy (over the rý ýr- 
rect value of these dimensionless numbers in a monolith channel under reacting condit icons. 
Several gas phase models can be developed, based on various assumptions. Some re- 
searchers assumed constant physicochemical properties of the gas phase (Lee and Arie. 
1977; Sincule and Hlavacek, 1978), while others considered that these may be temper- 
ature and/or concentration dependent. Mass and heat axial dispersion has been either 
considered (Hayes and Kolaczkowski, 1994) or neglected (Groppi et al., 1995a). 
The issue of the velocity profile has also been addressed by several investigations. In a 
laminar flow reactor, there is a radial velocity profile, leading to the development of radial 
concentration and temperature gradients, with the velocity at the centreline being twice 
the average velocity. The magnitude of these gradients depends upon the relative rates 
of mass and heat transfer and chemical reaction (Hayes and Kolaczkowski, 1999). 
Groppi 
et al. (1995b) assumed an invariant radial parabolic shape profile of axial velocity. since 
enhancement of gas-solid heat transfer due to hydrodynamic development «-as minor cc )m- 
pared to other phenomena under the conditions studied. In other works, 
fully develi>ped 
laminar velocity profiles, varying with both radial and axial positions. were c(m4idered 
in two-dimensional models (Hayes and Kolaczkowski, 1994). For transient simulation. a 
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quasi-static approximation is usually made, based on the fact that the thermal capacit If I> 
of solids are much larger than those of gases, thus the solid phase domiilates the transient 
behaviour of the system (Young and Finlayson, 1976a; Heck et al., 19 70) - 
As for the solid phase, several approaches have been adopted. It is often assumed that 
the reactions are taking place on the wall-gas interphase, since the catalytic layers are 
very thin compared to the monolith walls. Hence, there is no need to take the solid phase 
mass balance into account (Young and Finlayson, 1976a). As for the heat balance. the 
radial heat effects occurring in the solid phase are often not taken into account, and it 
heat balance equation in the axial direction is simply used. As a resuilt, the radial heat 
conduction in the solid phase is a priori neglected and the washccoait is ass11111(ed toi be 
isothermal at each point along the reactor (Hayes and Kolaczkowski, 1! )94: \V aiiker et al., 
2000; Tomasic and Gomzi, 2004). Some models consider axial heat dispersion (Sinctile 
and Hlavacek, 1978; Hayes and Kolaczkowski, 1994) or heat transfer by radiation (Lee 
and Aris, 1977; Hayes and Kolaczkowski, 1994). Lee and Aris (1977) studied the effect of 
wall conduction and showed that radiative heat transfer could be accounted by properly 
increasing the wall heat conduction coefficient. Two-dimensional models have been de- 
veloped, considering axial conduction, radiation and catalytic rem-tion at the wall (Haves 
et al., 1992; Groppi et al., 1995a, b; Leung et al., 1996). Groppi et al. (1995ä, b) concluded 
that the contributions of wall conduction and radiation could be reasonably neglected in 
the simulation of ceramic monoliths, so computational time could be saved. Hayes et al. 
(1992) demonstrated that the axial conduction in the solid has a bigger effect than radi<<- 
tion. 
The diffusion process is another issue that the research on monolithic reactors has ad- 
dressed. This can involve intraphase diffusion within the coating and interphase diffusion 
from the gas phase to the washcoat. It is generally recognised that diffusion within the 
porous structure of a catalyst pellet can restrict the rate of reaction. In a washcoitt. for 
example, if the catalytic reaction rate constant is very large, the concentration at the 
washcoat-support wall may be much lower than the average 
bulk concentration. Under 
these circumstances the reaction is said to be mass transfer controlled. 
On the other hand. 
-, 
,iý. r, 
, ýý 
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the concentration at the wall is comparable to the bulk concentration value if the kinetic 
rate constant is small. In this case, the reaction is said to be kinetically controlled. Given 
that reaction rate constants are exponentially dependent on temperature. in automobile 
exhaust applications it is commonly believed that the reaction is kinetically controlled in 
one region of the reactor and mass transfer controlled in the ether one. The transition 
from kinetic to mass control is usually referred to as the light-off point, with which a 
sharp temperature rise is normally associated (see Fig. 2.16). 
Rate of reaction 
mss transfer 
limited 
region { 
light-ofd' 
homogeneous 
gas-phase reaction 
Temperature 
Figure 2.16: Idealised plot of reaction rate (or conversion) versus temperature exhibiting 
the possible rate-controlling regimes for monolithic reactors (Geus and vain Giezeii, 1999). 
At typical monolithic reactor operating temperatures, diffusion resistances in the catalyst 
washcoat are likely to be significant (Zygourakis and Aris, 1983: Hayes and Kolaczko\v ki. 
1994; Kolaczkowski and Serbetcioglou, 1996). An effectiveness factor is normally used in 
order to describe this mass transfer limitation. Numerous studies have assumed that the 
washcoat layer is so thin that the diffusion resistances are not important and used an 
effectiveness factor equal to 1 (Heck et al., 1976; Lee and Aris, 1977). However, as shown 
in several studies (Zygourakis and Aris, 1983; Nakhjavan et al., 1995; Leung et al., 1996; 
Kolaczkowski and Serbetcioglou, 1996; Santos et al., 1998), diffusion limitations can 
be 
considerable even at low temperatures, depending on the type of 
fuel and/or the cat a- 
lyst/washcoat properties. Kolaczkowski (1999) underlined that false conclii-, ions maty 
he 
drawn about the activity of a certain catalyst when diffusion limitations are neglected. 
In 
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such a case, higher rates of reaction may be achieved by just decreasing the thickne, ý, Of the 
catalyst layer, while simultaneously increasing the geometric surface area per unit volume 
of the monolith. When modelling monoliths, the effect of pore diffusion can be included in 
the mass and energy balances via the boundary conditions at the gas--washcoat interphase. 
This is frequently addressed by including the aforementioned effectiveness factor in the 
rate expression for the heterogeneous reaction. In the case of a rectangular slab porous 
catalyst, the diffusion/reaction problem in the washcoat can be solved analytically. as- 
suming isothermal conditions, infinite geometry, first-order irreversible chemical reaction, 
no flux across the centre of the slab and steady-state conditions (Groppi et al.. 1995a: 
Wanker et al., 2000). 
Several numerical and experimental investigations on the interphase mass and heat traIls- 
fer have also been published (Bennett et al., 1991). Many correlations for the calculation of 
Nusselt (Nu) and Sherwood (Sh) dimensionless numbers have been proposed and discussed 
(see Table 2.6). 
Table 2.6: Indicative correlations for Nu and Sh numbers 
Nu = Sh = Reference 
khd, 
A 
kmdc 
Dm 
Hoebink and Marin (1998); 
0.0767 1+ Pex 
L )0.829 
3.66 1+0.095L PeH 
0.45 
d )0.829 
0.0767 1+ Pem L 
3.66 1+0.095LPeM 
0.45 
Balakotaiah and West 
(2002) 
Bennett et al. (1991) 
Hayes and Kolaczkowski 
(1999) 
Such correlations can be for laminar or developing flow and 
for different shapes of chaimw1 
(square, circular and triangular); see for example Balakotaiah and 
Wet (2002); Bhat- 
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tacharya et al. (2004). The calculation of these numbers is often based on the a,, siimpticºn 
of either constant wall temperature or constant wall heat flux, whereas the 111 nt correlaa- 
tions available are for non-reacting conditions. It should also be noted that lil()st of the 
correlations available predict average values for the entire reactor length and not a local 
value as would be more useful (Hayes and Kolaczkowski, 1999). An illustrative example 
is the oxidation of CO in a monolithic reactor, which is characterised by a jump in thce Nil 
and Sh values when sudden light-off occurs. The light-off point is usually preceded and 
followed by two asymptotic Nu and Sh values. Many numerical investigations predicted 
Nu and Sh values in the range of 3.0-4.5 for the fully developed region under steady state 
conditions and for an adiabatic cylindrical system (same order of magnitude applies to 
other geometries). A comprehensive study on this subject was published by Haves and 
Kolaczkowski (1994,1999). The authors reported on the transition from the kinetic to 
the mass transfer control in a monolith reactor with laminar flow. They suggested that 
this transition is dependent on the inlet conditions, the value of the kinetic rate constants 
and their form of expression (e. g. the diffusion coefficient and the reactor length and 
diameter). The transition between the two regimes may be sharp or gradual, depending 
on the nature of the rate expression. The controversy over the controlling mechanism in 
the literature has led to some uncertainty concerning the values of Nu and Sb iiumbers 
in a monolith reactor channel under reaction conditions. For transient conditions, if the 
transition is sharp, the value of these numbers will exhibit discontinuities. 
2.4 Concluding remarks 
The fundamental physical and mathematical basis of this thesis has been reviewed in this 
chapter. Some overall conclusions can now be drawn and thereby motivate the work to be 
presented in the subsequent parts of the thesis. 
From a physical point of view, the adsorption phenomena and processes are now rela- 
tively well understood and characterised. The fundamentals of the adsorption 
have been 
presented, which included brief discussions on adsorption isotherms, mass and 
heat t raiis- 
fer aspects, adsorbent regeneration and adsorbent characteristics. Major investigations 
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on the areas of TSA, PSA and RPSA have been provided. Moreover. svvf ra1 process 
configurations that couple SMR systems with CO2 adsorption for hydrogen prodiic-"ti(an 
(SERP) have been examined. Additionally, a brief synopsis of monolithic reactors and 
their applications has been presented and the interactions between the various phvic ail 
and chemical processes occurring within the reactor have been described. Then, a short 
literature review in modelling of monolithic reactors has been provided. 
From a mathematical point of view, it is evident that the construction of quite accu- 
rate models for the prediction of the behaviour of adsorptive reactors and monoliths is 
possible. Such systems are spatially distributed and therefore their models comprise nixed 
systems of differential and algebraic equations (DAEs). Fortunately, there is ii ow a -wide 
variety of reliable numerical techniques and modelling tools for the simulation and Opti- 
misation of such problems (see §3.9). 
An extra degree of complication emerges from the nature of the newly-piOip()sHH<1 process 
(see §3.1), i. e., pneumatic transport of adsorbent particles, CO2 adsorbent characteristics 
and optimal process design/operation. A mathematical framework will be presented in 
the next chapter addressing these new challenges. 
Chapter 3 
Mathematical modelling 
3.1 Process scheme 
As shown schematically in Fig. 3.1, the process consists of a reactor/adsorber unit and 
a regeneration (desorption) unit. The novelty of this approach is the use of mobile CO) 
adsorbent flowing through a stationary SMR catalyst phase. Adsorbent regeneration is 
carried out in an external regeneration unit, thus decoupling the reaction and adsorbent 
regeneration steps. The hot regenerated adsorbent is passed back to the reactor unit, so 
heat for reaction is also supplied via the regeneration unit, i. e., via the thermal capacitance 
of the adsorbent. As a result effective energy integration is possible between the reactor 
and regeneration units. A continuous mode of operation is also enabled. 
3.2 Model assumptions 
A schematic diagram of the monolith channel coated with reforming catalyst, wherein CO. ) 
adsorbent particles are pneumatically conveyed through, is shown in Fig. 3.2. The key 
model assumptions include steady state and non-isothermal (adiabatic) operation, perfect 
gas behaviour, adsorption kinetics described by the linear driving force model (LDF) and 
a Langmuir isotherm for the CO2 adsorption equilibrium. The general reaction kinetic 
model proposed by Xu and Froment (1989) is employed. CO2 is considered as the ()id - 
adsorbate and CO2 adsorption is assumed to take place on the flowing a(1soorb('lit partic1e,. 
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Figure 3.1: Schematic diagram of the proposed process. 
Additional model assumptions are summarised below: 
9 all monolith channels are identical and thus it is only necessary to model a single 
channel 
9a circular channel geometry 
9 negligible pressure drop along the monolith channel 
9 reactions occur heterogeneously on the catalytic material in the solid phase 
" ideal plug flow 
3.2. Model assumptions 
MONOLITH WALL 
Catalyst wash coat 
;....... ................... ............................................................. .. 
CO2 
CH4 
+ Flowing adsorbent particles CO2 
H20 
............ .............................................. 
Catalyst wash coat 
MONOLITH WALL 
,A - Ifth, 
H2 
Figure 3.2: Reaction and adsorption in an idealised monolith channel. 
" gas and adsorbent particle velocities are assumed constant and equal 
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The integration domain has been split into the solid (catalyst) phase and the flowing 
two-phase gas-solid (adsorbent) mixture (see Fig. 3.2). Given the small radial dimension, 
radial concentration and temperature gradients in the flowing gas-adsorbent mixture are 
neglected. The investigation of this type of flow through narrow monolithic channels is 
rather limited in the literature and extensive work is necessary to gain a meaningful in- 
sight into the true behaviour of the gas-solid mixture (see Ding et al., 2005,2006). It 
has been shown that for pure gas flow, the laminar-to-turbulent transition in monolith 
channels may occur at a Reynolds number of -620, much lower than the conventional 
transition criterion of 2200 for large pipes (Ding et al., 2005). Both non-uniform gas and 
solids velocity distribution as well as non-uniform solids concentration distribution have 
been reported (Ding et al., 2006; Ding, 2006). However, the approximations of ideal plug 
flow and same (and constant) interstitial velocities of gas and adsorbent particles can be 
used within the scope of this work (Ding, 2006). Necessary quantitative calculations are 
provided in Table 3.1. As for the catalytic washcoat, a one-dimensional reactor model 
is implemented, in which the diffusion transport within the wash coat is described by a 
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simple effectiveness factor, set at unity for this particular study. 
It should be noted that Fickian diffusion is assumed instead of the more rigorous Max«-ell 
Stefan formulation, which may be more appropriate for diffusio n-dominated flo, «-, au, the 
one in this work (non-dilute system involving non-equimolar counter diffusion of HZ). 
However, its computational cost is considerably elevated, and the Fick's law has been 
proved adequate for modelling systems of this nature (Stutz and Poulikakos, 2005). Fi- 
nally, no volumetric change of flow due to reaction and adsorption is taken into account, 
assuming a mean velocity value. 
Table 3.1: Calculations in support of model assumptions 
(2R, )u9 °9 Re == 48 Laminar flow regime 
µm 
DmL 
2 45 » 
28 
Approximation of laminar flow by plug flow 
ug ( ,) 
with axial dispersion, which can be neglectedl 
(see Hoebink and Marin, 1998) 
Use of Sh and Nu to describe the mass and heat transfer from the bulk 
flow toward the catalytic wash coat 
Nu = 3.65 if 
z>O. lRePr = 3.43 Pr = 
µß''c''9 
= 0.71 Rc Am 
It is valid to assume that this condition holds Vz E [0, L], L=1m and 
Rc =1x 10-3 m (see Hoebink and Marin, 1998) 
3.3. Governing equations 
3.3 Governing equations 
!, 
Based upon the aforementioned assumptions, the component mass balances and the 
balances for the monolithic adsorptive reactor are presented below. Detailed derivations 
of the governing are presented in the Appendices. 
3.3.1 Component balance equations 
Gas phase 
(3.1) -U9 
dd 
9- 
SýQadsTads - 
km 
R e(ci, g - ei) =0 
where u9 (m s-1) is the superficial gas velocity; ci, 9 and cj,, (mol m-3) are the molar 
concentrations of component i in the gas and catalyst phase respectively; e is the mono- 
lithic reactor voidage; cp is the adsorbent loading defined as the volumetric ratio of the 
adsorbent in the two-phase gas-solid mixture; Pads (kg m-3) is the adsorbent density 
'ads (mol kg-1 s-1) denotes the rate of adsorption; km (m s-1) is the gas-washcoat mass 
transfer coefficient; and R, (m) is the radius of the monolithic channel. 
Solid (catalyst) phase 
2E 
Ci>c) + 7QcTi =0 
Rc 1 -ý 
(3.2) 
where q is the catalyst effectiveness factor; pc (kg m-3) the density of the catalyst phase; 
and r2 (mol kg-1 s-1) the formation (or consumption) rate of component i. 
Adsorbent phase 
+ scorads =0 cads 
dq2 
dz 
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where Uads (m s-') is the superficial adsorbent particle velocity: and q; (mol kg-1) Hie 
adsorbent-phase concentration of component i. 
3.3.2 Energy balance equations 
Gas phase 
26 
-ug dz 
(Cgý, 9Tg) + kh Rce(Tc - Tg) + kh, ads d -'cP(Tads - Tg) =0I : i. 4) p 
where c9 (mol m-3) is the gas-phase density; cß,, 9 (J mol-1 K-1) the gas heat c aI)dc ityy; 
Tg (K) the gas temperature; Iah (J m-2 s-1 K -1) the gas- washc oat heat transfer coeffi- 
cient; TT (K) the catalyst temperature; kh, ads (J n1-2 s-1 K-1) the gas- adsorbent Iu'at 
transfer coefficient; dp (m) the adsorbent particle diameter; and Tads (K) the ad,; OrheeW 
temperature. 
Solid (catalyst) phase 
2 III 
Ad 
Tc 
+ kh 
2(E )(T9 - Tc) +E ec? ](-OHRj 
)Rj =0 (3-rß) 
dz2 R, 1- j=I 
where A (J m-1 s-1 K-1) is the catalyst thermal conductivity; 
OHRj (J mol-1) and Rj 
(mol kg-1 s-1) are the heat and rate of reaction j respectively. 
Adsorbent phase 
dTads 
+6 ýj'9 - Tads) + Pads 
(-OHads)-y%r'ads =0 
-fladsQadsCp, ads dz h, ads 
ý 
p 
where Cp, ads 
(J kg-1 K-1) is the adsorbent heat capacity; and :, Hods 
(J mol-1) the heýº1 
of adsorption. 
3.4. Reaction kinetics 
It should be reminded that qj and res are equal to zero for non-adsorbing cOinpOiwnts. 
i. e., i CO2. 
3.3.3 Boundary conditions 
The following boundary conditions are used in the simulations: 
Reactor entrance (z = 0) 
Cj, 9 = Cz, 1 (3-7) 
qZ=0 (: 3.? ) 
T9 = Tf (3.9) 
TT=Tf (: 3.10) 
Tads = Tf + 'L9 (3.11) 
Reactor outlet (z = L) 
aTc 
äz =0 
(3.12) 
The subscript f denotes the feed conditions (concentrations and temperatures) and l) 
represents the temperature difference between the adsorbent and the gas at the reactor 
entrance. The feed gas is assumed to consist of a mixture of steam and methane at a ratio 
of 6: 1. As a result, no carbon-producing reactions (see Introduction) are incorporated in 
the reaction kinetics model. 
3.4 Reaction kinetics 
Several studies have been published on the kinetics of steam methane reforming. There is 
a general agreement that the reaction is first order to methane, but there is some contro- 
versy over other kinetic parameters. This is partially due to the use of different c ataly-sts or 
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experimental conditions, but also to the lack of appreciation of diffusion and heat transfer 
limitations. In this work, the intrinsic rate equations. derived by Xu and Froment (1'º''), i). 
for the steam reforming of methane on a Ni-based catalyst are used. These rate in(, clelti 
are considered to be the most general and reliable expression for the STIR process and 
have been extensively studied in the literature (Ding and Alpay, 2000a). 
Xu and Froment (1989a, b) extensively studied the kinetic and mechanistic details of steain 
methane reforming in a conventional tubular reactor at the temperature range 523 ý23K 
and for pressure varying between 300 and 1000 kPa. They developed a model based on 
a Langmuir-Hinshelwood reaction mechanism, which includes 13 reaction steps. The fol- 
lowing three key reactions of the SMR process are considered in the model: 
Reaction I CH4 + H2O - CO + 3H2, AH298 = 206kJ/mol 
Reaction II CH4 + 2H20 CO2 + 4H2, AH298 = 164.9kJ/mol 
Reaction III CO + H2O CO2 + H2, AH298 = -4lkJ/mol 
Amongst the large number of reaction schemes developed, two were proposed to represent 
the steam reforming system kinetics. The two schemes proposed differ in the appeairaicc e 
of CO and CO2. Rate equations were written for the rate-determining step of each of the 
three global reactions I-III in terms of the concentrations of the adsorbed species. The 
concentrations were then eliminated by means of the Langmuir equilibrium relations and 
a balance to the active sites, including those covered by adsorbed species and and those 
remained vacant. The resulting rate equations, in terms of accessible gas-phase partial 
pressures, are given below: 
p3 pco 
RI = p2 5 
(PCH4PH20 
- 
HK (DEN)-2 ' kmol " 
kg cat 1' h-1 (' )2(hI 
P92 
RII =35 
(PCH4PH2O2 
- 
P92PC02 
(DEN)-2 j; viol " kg-' - h-1 (: x. 11) PH2 KII 
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RI11 = 
k3 (PCOPH2O 
- 
PH2PC02 
(DEN) -2 , kmol - kg- -i - 
h-1 P2 K111 H 
where DEN =1+ KCOPco + KH2PH2 + KCH4PCH4 + KH2OPH2o/PH2 " representiii the 
adsorption of reacting species. Since the three reactions are assumed to occur on the., ame 
active sites, the three rate equations have the same denominator. 
The rate coefficients, kj, and the adsorption constants, K:, were paraiiieterisedl acs or(iimg 
to Eqs. 3.16 and 3.17. 
Table 3.2: Parameters for equations 3.16 and 3.17 
Activation energy (kJ mol-1) Enthalpy change of adsorption (kJ inol-1) 
E1 EZ E3 OHCH4 AHH2O OHH2 
240.1 243.9 67.13 -38.28 88.68 -82.9 
Eý 11 
'j=1,2,3 
k7 = kj, T,. exp RTT, 
Ki = KZ, T, exp - 
AR T-T, 
i= CH4, H2O, H27 CO 
Tr 
(: i. 1(i) 
(3.17) 
where Tr is reference temperature, equal to 648K for kj , 
KH2 , and 
KCO, and 823K for 
KCH4, and KH20. R is the universal gas constant, equal to 8.314472 J mol-1 K-1. The 
values of activation energies, Ej, and adsorption enthalpies, OHS are given in Table 3.2. 
The resulting expressions for the rate and adsorption constants, kj and Ki respectively. 
are given below: 
JHco 
-70. (i: i 
lei = 1.82 x 10-4 exp 28878.0 ,- 648 
mol bar° ' kgcat ? i-i (3.1 ) 
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k2 = 2.193 x 10-5 exp 29336.0 
1-1 
T 648 mol 
baro ' kg, -lt h-1 (: 3.1' +) 
k3 = 7.558exp 
[8074.3 1-1, 
mol " kg-1 t h-1 bar-1 (: 1. '? ()) T 648 
KcH4 = 0.1791 exp 
[4604.3 1-1 
bar-1 
T 823 
KH2o = 0.4152 exp 
[-10666.35 (-1 
T1 823 ' 
dimensionless (3.22) 
KH2 = 0.0296 exp 
[9971.13 
T1-I 
)l 
648 ' 
bar-1 (3.23) 
Kco = 40.91 exp 
[8497.71 
T 648 ' 
bar-' (3.24) 
1-I )l 
The temperature dependent expressions for the equilibrium constants, KI, KII and KIjj, 
are taken by Twigg (1996): 
KI _ 
1.026 
bar2 (3.25) 
exp (0.251324 - 0.3665Z3 - 0.58101Z2 + 27.1337Z - 3.2770) 
KII = KI - K111 > 
bar2 (3.20; ) 
KIII = exp (-0.29353Z3 + 0.63508Z2 +4.1778Z+0.31688) , 
diiiieiisio ýiilE'ss (3.21) 
where Z= 1000/T - 1. 
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The rate of formation or consumption of component i. ri. is then calculated by rising E<qs. 
3.13-3.15 as follows: 
III 
TZ =E vijRj ,i= 
CH4, H2O, H2, C02, CO 
j=I 
(:. 2, s) 
where v2j is the stoichiometric coefficient of component i in reaction j. In c' ase i refers toi 
a reactant, vii is negative, whereas for a product v2j is positive. Thus, the disappearance 
rates for CH4 and H2O and the formation rates for H2, CO2 and CO are given by the 
following equations: 
rCH4 = -RI - Rii (3.29) 
rH20 = -RI - 2RII - RIII (3.: il) 
rg2 = 3RI + 4RII + RIII (3.31) 
rC02 = RII + RIII (3.32) 
rco = RI - RIII 
Partial pressure of hydrogen is a critical parameter in Xu and Froment's model, because if 
the feed is hydrogen free, then the initial rate of reactions I-III (see equations 3.13-3.15) 
is infinite. To overcome this obstacle, a very small amount of hydrogen is used in the feed. 
The arbitrary value of hydrogen feed molar fraction is set at 10-4. Sensitivity analysis 
shows that there are no significant discrepancies in the results in the range 10-6 - 10-2 
of hydrogen molar fraction. 
3.5 Adsorption equilibria and kinetics 
The Langmuir model for CO2 adsorption, as proposed by Ding and Alpay 
(2000a, b). c'. m 
be written as: 
mco2 bco2 Pco2 (3.34) 
gco2 - 1+ bco2 rco2 
3.6. Regeneration unit r,: > 
where mc02 represents the adsorbent capacity (mol of CO2 per kg adsorbent) under Nvot 
conditions, and bC02 is a temperature dependent parameter: 
bC02 = 2.36 x 10-4 exp 
17000 1-1 
Pa-1 (3.35) RT 673 ' 
The adsorption rate into an adsorbent particle is approximated by the LDF model: 
'ads = kLDF (gC02 - gco2) (3.: 36 ) 
where kLDF is the effective mass transfer coefficient (see Eq. 2.8); gC02 and (1(, (), are the 
equilibrium and the local adsorbed phase concentration (average over an adsorbent parti- 
cle). The direct relation between gco2 and the gas-phase CO2 concentration is lumped in 
the above formulation and the term, Tads, is used in the corresponding governing equations. 
Fast adsorption kinetics are assumed because of the small adsorbent particle diameter (dp 
= 55µm), since kLDF a 1/Rp. The value of kLDF is arbitrarily set equal to 1 s-1 for a 
base case (given the specific reactor design, e. g. residence time). A detailed parametric 
study is presented in §4.2 regarding the effect of the adsorption kinetics on the process 
performance. For further details on Langmuir and LDF parameters of CO2 adsorption on 
hydrotalcite adsorbent, see Ding and Alpay (2000a, b). 
3.6 Regeneration unit 
The adsorbent regeneration is assumed to take place in a well-mixed, continuous flow 
desorption unit with a mean residence time T, operating at steady state under isobaric 
conditions; see Fig. 3.3. The mass and energy balances of the regeneration unit can be 
written as: 
(qin - q) = rdes'T 
(: i.: 31 
Fcco, = rdesTNcm 
3.6. Regeneration unit ý; ý; 
FC9CP, 
9 
(TZn 
- T) + Ncrh " (Cp, ads Tin - T) + OHads'rdesT) =0 (1: 1.31) 
Note that the residence time of the adsorbent particles, T (s), is given by: 
M 
mNc (3.40) 
where M (kg) is the total mass of adsorbent in the regeneration unit. 
The rate of desorption, rdes, is provided by the LDF model, while the equilibrium adsc ýrbeiit 
phase concentration, q*, is obtained by the Langmuir model for CO2 adsorption. It should 
be mentioned that the proposed design is limited only to this particular stud-'v, in order 
to facilitate an initial overall process evaluation. Therefore, the effects of adsorbent liv- 
drothermal ageing and/or attrition on the regeneration efficiency (e. g. loss of c ip ýc itv, 
alteration in Pads value) are not considered. 
Steam flow 
F (m3/s) 
Ti,, (K) 
Adsorbent flow 
qin (mol/kg) 
Tads (K) 
404D 
T, T 
Steam + CO2 Regenerated adsorbent 
F q 
Figure 3.3: Schematic diagram of the well-mixed continuous flow desorber. 
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3.7 Other process parameters 
I, 1 
From §3.3 it can be seen that the derived model has some additional parameters that 
determine the behaviour of the system. These are - in the first instance - the mass and 
heat transfer coefficients for the film between the gas phase and the catalytic coated wall. 
km and kh respectively. The aforementioned coefficients are estimated. assuming 'Nu and 
Sh numbers equal to 3.65, since the predicted values for these numbers are in the rango 
3.0-4.5 for the fully developed region and steady-state conditions. 
Therefore, the mass transfer coefficient can be obtained by (Hoebink and Marin, 1! ) ): 
km = 
Sh x gaseous diffusivity 
2R, 
and the heat transfer coefficient by: 
kh = 
Nu x gaseous thermal conductivity 
2R, 
where R, is the radius of the reactor channel (m). 
(: ß. 1i) 
(3.42) 
The calculation of the thermal conductivity of the gaseous mixture is 
based on the Ew kein 
semi-empirical formula as follows (Reid et al., 1987): 
(YiAi) 
Ej yj ýO2j 
5R 
ýi = cp, z + 4-IZ µZ 
with the Chapman-Enskog parameter 
(3.43 
i (, 
+ 
mi 
I+( 
/11 ) 
1/2 ( 
_, 
Ilj )1/41 (3.44) 
(Pzj - Mj µj ß, 1i 
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and the dynamic viscosity of an individual component. assuming monoatO IIdc 
given by: 
6 
ý103MiTý1/2 
µi = 2.6693 x 10- 
QZ252 fL, i 
(: 1.4-)) 
The diffusivity of the gas mixture is estimated using the Chapman-Eiiskog rlýe ýr. for 
binary mixtures: 
103 101/2 
= 0.018829 
[T3 
+ ýP Qij QD,, j) Mi Mi 
(: ß. 4(i) 
Note that a3= (a + a1)/2, while the parameters S2j,, i and QD, Zj are functions of temper- 
ature; see Reid et al. (1987) for more details. 
The above gas phase properties are considered constant throughout the reactor. Binary 
mixtures are chosen from the two highest concentrations of the gas mixture at the inlet 
and outlet of the channel. Average values are then taken, which apply throughout the 
system (a reasonable assumption, given the uncertainty associated with these estimates). 
The resulting values of km and loh used in the simulations are listed in Table 3.3. It should 
be mentioned that the coefficient of heat transfer between the gas phase and t he adsorbent 
particle, kh, ads, is assumed equal to kh 
(see §5.3 for a sensitivity analysis on this assump- 
tion). 
The gas phase heat capacity is obtained from: 
Cp, g = yicp, i , cp, i = 
Ai + BZT + CiT2 + DiT3 + EZT4 (Jmol-'K-1) 47) 
2 
Note that i= CH4, H2O, H2, CO2. CO and the parameters A2 . Bi . 
Ci. Di, E <It t 1lE 
above polynomial function of temperature. T, are extracted by Reid et al. 
(19 7). 
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The heat of each reaction j=I- III is then given by: 
"T 
OHRS (T) = OHRS (298) + Acpj dT (: 3. ) 
J298 
Heat capacity changes for the three SMR reactions are given by: 
Ocpi = 3Cp, H2 + Cp, CO - Cp, H20 - Cp, CH4 (3.49) 
Acpl7 = 4cp, H2 + Cp, C02 - 2Cp, H20 - <'I)-('H4 (: ý.:, ll) 
OCpIII = 4Cp, H2 + CP, C02 - Cp, H20 - Cp, CO : 1.51 
As mentioned in §3.2, the actual gas and adsorbent velocities are assumed equal, i. c.. 
u9 t= ads. The interstitial gas velocity, üg t, is given by: 
uint = 
y9 
9 
where Vg (m3 s-i) is the gas volumetric flowrate and A (M2) the total cross se tli)Il ý1 area 
of the monolithic channel. The superficial gas velocity, u9, is as follows: 
_ 
V9 
u9 A 
As a result 
eint = 
u9 
Similarly, for the adsorbent particles: 
7h 
äds =' Uads =m giving 
Uads = ads 
EýQadsA QadsA 
where rh (kg s-1) is the adsorbent mass flowrate. 
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Clearly, the adsorbent superficial velocity can be expressed as a function of the super- 
ficial gas velocity, u9, and the adsorbent loading, cp, as follows: 
Uads ug (3.:, 2 i 
In reality, it is likely that there is some slip. Sensitivity analysis shows that the overall 
process performance is not affected (see §5.3). 
3.8 Process performance indices 
Adsorption-enhanced processes can be assessed in terms of reaction performance such as 
the reactant conversion and the overall yield of a key component, and in terms of separa- 
tion performance such as the purity and recovery of a key component. 
In order to carry out a detailed parametric investigation of the proposed procfess, the 
methane conversion and its enhancement factor, as well as the CO2 recovery are intro- 
duced as measures of its performance. Specific definitions of these criteria are now given. 
Methane conversion is defined as the ratio between converted methane at the reactor 
exit (or at any position along the monolithic channel) and the inlet flux of methane. It 
reads: 
x(%)=100 
. in out 
CH4 - 12CH4 
in 12CH4 
(3.53) 
The conversion enhancement factor can be quantified by the normalised conversion of 
methane in the presence (AD) and absence (NAD) of CO2 adsorption 
(Ding and Alpay, 
2000b), i. e.: 
E(%) = 100 " 
XAD - XNAD 
XNAD 
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The recovery of CO2 is obtained by the overall mass balance. and given by: 
recov 
R(%) = l00 " 
nC02 
total nC02 
where A6 is the flowrate of CO2 recovered at the purge steam of the (I( orption St('I) 
and A" is the total amount of CO2 produced. 
Additional performance measures, used mainly for process optimisation, include the In - 
drogen purity and yield and the reactor efficiency. The product gas H2 purity is expressed 
as mol % on a dry basis. The hydrogen yield is expressed as the moles of hydrogen 
produced per mole of methane fed, i. e.: 
prod 
_ 
H2 Y H2 
H 
ncH4 (: x. 50) 
The evaluation of the reactor efficiency is based on methodologies previously applied to 
similar systems (see Johnsen et al., 2006b; Ryden, 2006). In particular, a H2-equivalent 
term, H2, eq, is firstly introduced to describe the amount of hydrogen remaining per iilo, le 
of methane fed, if the process energy demands were to be met by utilising the produced 
hydrogen for this purpose. Hence: 
H2, eq = YH2 _ 
QH 
" 1O-3 LHVH2 
The reformer efficiency, T, is then defined as: 
T(%) = 100 H2, e9 ' 
LHVHZ 
LHVCH4 
(3.57) 
(a.. >>ý 
where QH is the heat demand of the process in J (mol CH4)-1. The lower heating values 
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(LHVs) for hydrogen and methane are equal to 241.8 and 802.3 kJ mol-1 respectively 
(Johnsen et al., 2006b). The energy demand of the process, QH, is quantified as follows: 
QH = 
Qr + Qreg 
(3.59) Ain 
CH4 
where 
Qr = n9Cp, 9 (Tf - 298) (3.60) 
is the energy input rate for the reactor, defined as the heat supply (J s-') required to raise 
an inlet stream from ambient temperature (298K) to the reactor gas inlet temperature, 
T f. The corresponding requirement for the regeneration unit is given by: 
Qreg =m (Cp, ads 
(Tadsl 
z=O - 
7adsl 
z=L)- 
OHads " QCO2 I z=L) 
(3.61) 
where rh is the adsorbent mass flowrate in kg s-1. Qreg (J s-1) denotes the energy required: 
to increase the adsorbent temperature from its value at the reactor exit (Tlz=L) up 
to the specified temperature at the reactor entrance (Tads Iz=O = Tf +'9); and to fully 
"clean" the adsorbent. The above expression provides a quantitative measure of the 
energy requirement for the regeneration stage, while bypassing any uncertainties involved 
in the design of the regeneration unit. 
3.9 Numerical discretisation and model solution 
The equations described above were coded and solved in the gPROMS modelling envi- 
ronment (Process Systems Enterprises Ltd. ). The finite difference approach is used to 
replace the continuous problem domain by a grid, in which the dependent variables from 
the continuous domain exist only at a finite number of discrete points. As a result, the 
domain is divided into equidistant intervals involving a finite number of discrete (grid) 
points; see Fig. 3.4. Finite differences equations can be established by approximating the 
spatial derivatives in terms of the values of the corresponding variables at the grid points. 
This can be achieved using a number of different ways, for example: 
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1. Taylor-series expansion 
2. Polynomial approximation 
3. Integral method 
4. Control volume approach 
Traditionally the derivation of finite differences is achieved by Taylor-series expansion, and 
this method is also adopted in this work. Discretisation to the spatial dimension reduces 
the derived system of ordinary differential and algebraic equations to a large set of non- 
linear algebraic equations, which is then solved using a sophisticated implementation of a 
Newton-type method. 
Figure 3.4: Equidistant finite difference grid. 
With reference to Fig. 3.4, consider a distributed dependent variable 8(z, ): the Tavhir 
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series for 9(z2+1) and O(zi_1) can be written as: 
O(zi+l) = 9(zi) + a0(z2) h+ 
a2O(zi) h2 
+ 
a39(zZ) h3 
+ ... az az2 2! az3 3! 
(3.62) 
e(z2-1) = 
9(z2) 
- ae(z2) h+ 020(z2) 
h2 a3e(z1) h3 
+ 
... öz öz2 2! äz3 3! 
(3. i; 3) 
Eq. 3.62 can be rearranged and divided by h to obtain the first order forward difference 
approximation to the partial derivative 
a äzZ) 
a0(z1) 
_ 
9(zz+1) - 9(z1) + 0(h) (:. 64) 
Oz h 
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The first order backward difference approximation to the partial derivative Z` can be 
obtained in a similar manner using Eq. 3.63: 
ae(z2) 
__ 
9(z2) - e(zz-1) +o(h) äz h 
Note that the accuracy of these first order approximations is of order h (O(h) ). To improve 
the approximation accuracy, one ought to consider additional neighbouring I mints, naniely 
9(z2+2) and O(zi_2), the Taylor series of which are given by: 
e(zz+2) = e(zz) + 
ae(zi) 2h+ 029(z2) (2h)2 + 330(z1) 
(2h)3 
äz äz2 2! äz3 3! 
B(zi-2) - B(zi) - 
ao(zi) 2h + 020(, ) (2h)2 _ 
a3e(3i) (2h)3 + ... (3. t; ) (9z 0Z2 2! az 3 
Then a one-sided derivative that is correct to 0(h2) can be developed 
by four times 
Eq. 3.62 minus Eq. 3.66 (thereby eliminating the 
`9äm terms) to yield t 1w second order 
forward difference approximation to the partial derivative 
aae(zzi . . 
a8(z2) 
_ 
-39(z2) + 49(zi+l) - 
B(zi+2) 
+ 0(h2) (3.68) 
az 2h 
The analogous formula in the other direction, i. e., the second order 
backward approxima- 
can be obtained from Eq. 3.63 and Eq. 
3.67 as: 
tion to the partial derivative (9Z 
ä0(22) 
- 
9(zi-2) - 49(zi-1) + 39(zi) + 0(h2) (3.69) 
Oz 2h 
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Additionally, Ecks. 3.62 and 3.63 can be combined to reut in a ce iý tr: r rl difference ap- 
proximation: 
ae(zz) 
_ 
-B(zz-1) + 
O(zz+i) 
+ 0(h2) 
äz 2h 
The second order partial derivative 
020( can be obtained by similar algebraic nianipula- 
tions (eliminating the a azz ), i. e., forward difference: Eq. 3.66 minus two times 
Eq. 3.62: 
a20(z2) 
_ 
e(zz) 
- 2e(zi+i + 
O(zi+2)) 
+ O(h2) (3.71) 
äz2 h2 
centered difference: Eq. 3.62 plus Eq. 3.63: 
ä20(z2) 
_ 
O(zi-i) - 20(zi) + O(z2+1)) + 0(h2) (: 1.72) 
(9z2 h2 
backward difference: Eq. 3.66 plus Eq. 3.63: 
02e(z2) 
- 
O(zi-2) - 20(z2-1) + 6(zz)) + 0(h2) (3.73) äz2 h2 
The involvement of a larger number of neighbouring points leads to 
higher order accuracies 
for the approximation. 
It should be noted that a normalised space co-ordinate 
(E [0,1] is introduced replac- 
ing zE [0, L], as follows: 
C= z1L 
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All derivatives can then be expressed in terms of this new independent variable: 
C) 1Ü 02 1 C92 
Oz L ä( OZ2 L2 C)(2 
The spatial derivatives involved in the governing equations and boundary conditions are 
modified as indicated by the the above expressions. The transformed nio (lel equatioiis 
hold over the domain (E (0,1). The corresponding boundary conditions hold at `_ (º 
and(=1. 
In this work, the normalised spatial domain is discretised using centred finite differences 4 
second order over a uniform grid of typically 80-100 intervals. This approach is found to 
give a converged solution in which component balance errors (associated with the numer- 
ical integration) are negligible. The convergence of the solution is checked by varying the 
number of grid points along ( and by using the internal criteria of the gPROMMS integrator. 
In particular, a system of n equations f (x) in n unknowns x is assumed to have wine ýgec 1 
when the norm of the equations: 
I I. f (x) II= 
Zmlax 
I. f 2(x) I 
falls below 10-5. Other key criteria include the maximum number of evaluations of the 
vector of equations f (x) that is permitted during solution (equal to 106), the maximum 
number of iterations without a reduction in the norm of the equation vector (see above) 
before the solver takes corrective action (equal to 10) and the maximum number of iter- 
ations that the solver is allowed to take (equal to 103). The solver also attempts to take 
certain corrective actions if no improvement in the equation norm is achieved within a 
certain number of consecutive iterations. If such corrective action is attempted more than 
10 times in a row (i. e., having to return to the same xbest in all cases), then the solver 
terminates its operation unsuccessfully. 
A summary of parameters (constants) used for the simulations is given in Table 3.3. 
The 
flowrates and dimensions are characteristic of a laboratory-scale reactor rig 
(Ding et eil.. 
2005; Ding, 2006). 
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Parameter Value Unit 
Adsorbent heat capacity, ep,,, ds 850 a J kg-1 K 
Adsorbent particle diameter, dp 55 x 10-6 b m 
Feed steam/CH4 ratio 6C 
Heat of adsorption, AHads -17x 103 a j 11101-1 
Gas-coating heat transfer coefficient, kh 170 J m-2 s-1 K-1 
Gas-adsorbent heat transfer coefficient, kh, ads 170 J m-2 s-1 K-1 
LDF mass transfer coefficient, kLDF 1 s-1 
Mass transfer coefficient, km 0.15 m S-1 
Reactor length, L 1b m 
Mass of adsorbent in the regenerator, M 2b kg 
Langmuir model constant, mc02 (wet condition) 0.65 a mol kg-1 
Number of monolith channels, NN 1000 - 
Pressure 5 bar 
Monolith channel radius, R, 1x 10-3 b in 
Reactor feed temperature, Tf 723 C K 
Superficial gas velocity, Ug 0.46 b m S-1 
Monolithic reactor voidage, E 0.5 b 
Catalyst effectiveness factor, i 1 
Thermal conductivity, A 5d "J m-1 s-1 K-1 
Adsorbent density, Pads 1563 a kg m-3 
Wash coat (catalyst) density, oe 785 kg m-3 
a Data from Ding and Alpay (2000a, b) 
b Data from Ding et al. (2005); Ding (2006) 
C Data from Xiu et al. (2002a) 
d Data from Koci et al. (2004) 
Chapter 4 
Simulation results 
The mathematical model presented in Chapter 3 is used for detailed fundamental analysis 
of the process. Initially, the feasibility of the proposed reactor concept is investigated, fo- 
cusing on the identification of important operating parameters. Subsequently, the overall 
process performance and the interaction between the reaction and regeneration stages are 
examined. Finally the effect of the adsorbent characteristics - CO2 capacity and sorption 
kinetics - on both the reactor and overall process performance are systematically invest i- 
gated. Typical simulation outputs include concentration and temperature profiles along 
the reactor as well as performance characteristics, namely methane conversion, enhance- 
ment factor and CO2 recovery. 
4.1 Process analysis 
4.1.1 Performance of the adsorptive reactor 
The influence of the adsorbent on the reactor performance is investigated by considering 
three cases. In the first, the adsorbent loading is set to zero, thus simulating "pure" STIR 
in hollow monolith channels. In the second case, adsorbent is considered to flow through 
the monolith channels, but the adsorption capacity of the particles is set to zero. However, 
the "adsorbent" in this case, acts as a heat carrier. In the third case. the adsorbent has 
its normal adsorption capacity, as well as being a heat carrier. Such simulations enable 
the analysis of the individual contributions of the adsorption and heating effects of the 
4.1. Process analysis 
adsorbent. With reference to Fig. 4.1, in -which axial methane conversion profiles for these 
three cases are shown, the thermodynamic equilibrium constraint of STIR is evident for the 
first two cases. As expected, higher methane conversion is achieved in the second one due to 
the extra heat supplied by the flowing particles. However, the thermodynamic equilibrium 
is shifted to give even higher conversion by removing CO2 in the third case. Hence, the 
contribution of the adsorbent is indicated to be two-fold: separation enhancement and 
additional heat supply for the endothermic reaction. Consequently, the adsorbent loading 
and the adsorbent inlet temperature are two important operating parameters. The former 
dictates the separation capacity available in the reactor, whilst the latter is a means of 
providing the heat for the endothermic reaction. 
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The effect of the adsorbent inlet temperature on the conversion enhancement at 
different 
4.1. Process analysis 
adsorbent loadings is shown in Fig. 4.2. Calculations showed a substantial degr(4ý uuf 
reaction enhancement in the range from 55% to 75 at about 7-50K. depending On the 
adsorbent loading. Generally, the temperature range for adsorption-enhanced S\iR is 
relatively narrow (typically within 700-800K), denoting the lower limit of catalyst activity 
and the upper limit of the adsorbent working temperature. Calculations indicated a lower 
degree of reaction enhancement at higher temperatures. At temperatures abwv T ")OK ")OK the 
separation enhancement effect decays, resulting in comparable enhancement facto ors for 
5% and 10% adsorbent loading at temperatures above 800K. 
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Figure 4.2: Effect of the adsorbent inlet temperature on the conversion enhancement. 
Axial profiles of CO2 concentration in the gas phase at different adsorbent 
loadings wit li 
Tads = 750K are shown in Fig. 4.3. As expected, 
CO2 concentration within the reactor de- 
creases at higher adsorbent loadings. Calculations also showed that there 
is no tiigiiificaiit 
reduction in C02 concentration at the second half of the reactor. 
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This finding is also confirmed by Fig. 4.4, in which calculated temperature profiles along 
the reactor are presented. A sharp wash coat temperature gradient at the reactor en- 
trance was predicted because of the strongly endothermic reaction. Still, farther within 
the monolithic channel, results indicated that thermal equilibration occurs, and hence al- 
most isothermal conditions are reached. However, the adsorbent-phase CO2 concentration 
keeps increasing, as shown in Fig. 4.4, indicating that CO2 adsorption still takes place in 
, the second half of the reactor. This result also explains the constantly increasing 
CH1 
conversion for the third case (cp = 0.1, mco2 = 0.65 mol kg-1), as shown in 
Fig. 4.1. 
It is evident that the temperature of the adsorbent and its loading in the reactor 
determine 
the reaction temperature (Fig. 4.4). Larger adsorbent loadings at 
higher inlet temperature, 
result in higher reaction temperature and thus conversion, 
but as already s1imw-n, the 
enhancement effect weakens. As a result, there is a trade-off 
between the t«-O object iv v, 4 
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along the adsorptive reactor. 
separation versus reaction. The adsorbent mass flux, which is a function of the superficial 
gas velocity, determines the adsorption enhancement. On the other hand, although a high 
adsorbent inlet temperature leads to higher conversion, it reduces the capture of CO2 on 
the adsorbent. 
4.1.2 Overall process performance 
The adsorbent loading and reactor inlet temperature are directly related to the operation 
of the regeneration unit. Thus, the operating conditions of the desorber are of great 
importance for the analysis of the overall sorption-enhanced STIR process. For example, 
the purge steam inlet temperature and flow rate directly influence the adsorbent loading 
and temperature at reactor inlet. The relation between the adsorbent temperature at the 
desorber outlet (T) and the steam inlet temperature (Ti,, ) as a function of steam flow rate 
4.1. Process analysis 
through the desorber (F) at different adsorbent loadings is i>reýented in Fig. 4.. -). 
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Figure 4.5: Ratio of adsorbent temperature at the desorber outlet (T) over steam inlet 
temperature (Ti,, ) as a function of steam flow rate (F) at different adsorbent loadings. 
As shown, heating-up the adsorbent particles can be achieved even at relatively low steam 
flow rates. However, in terms of CO2 desorbed, higher flow rates are required, especially 
at higher adsorbent loadings; see Fig. 4.6. These findings imply that CO2 desorption is 
probably driven by concentration rather than temperature swing in this case. 
In connection to the performance of the adsorptive reactor, the methane conversion and 
enhancement factor as functions of the steam flow rate are shown in Fig. 4.7 k 4., s. 
Conversion and enhancement steadily increase with the steam flow rate, until a pLttvaii 
is reached. In Table 4.1 the calculated asymptotic values of conversion and elihancement 
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Figure 4.6: Relative amount of CO2 desorbed (1 - q/qin) as a function of steam flow rate 
(F) at different adsorbent loadings. 
factor at several adsorbent loadings and steam inlet temperatures are summarised. 
Similarly, the CO2 recovery at the outlet of the regenerator increases with the steam flow 
rate; see Fig. 4.9. However, the steam inlet temperature is not significant for CO2 recovery, 
as shown in Table 4.1, e. g. approximately 97.3% recovery was calculated at 52 adsorbent 
loading. These results strengthen the findings presented in Fig. 4.5 and Fig. 4.6. 
In connection to the findings presented in Figs. 4.7-4.9, the methane conversion as a func- 
tion of the CO2 molar fraction at the gaseous purge stream of the desorber is presented 
in Fig. 4.10. Higher conversion, therefore improved overall process performance, is a. "sO- 
ciated with lower molar fractions of recovered CO2. resulting from 
higher cc()ii-, iiiºiiptiO ii Ot 
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Figure 4.7: CH4 conversion as function of steam flow rate (F) at different steaill inlet 
temperatures (Ti,, ) and 10% adsorbent loading. 
steam for regeneration (larger flowrates). Compared with other purge gases (e. g. nitro- 
gen), steam can be easily separated from the purge stream. The amount of purge steaII1 
needed for complete desorption per mole of CO2 captured in the reactor must be minimised 
Table 4.1: Calculated asymptotic values of methane conversion (X), enhancement factor 
(E) and CO2 recovery (R) at different values of steam temperature, T;,. 
1% adsorbent loading 5% adsorbent loading 10% adsorbent loading 
X(%) E(%) R(%) X(%) E(%) R(%) X(%) E(Y) R(`I ) 
750K 39.2 39.0 86.7 54.1 68.6 97.2 59.1 70.2 9n. 2 
775K 41.0 38.3 86.5 62.9 69.0 97.3 68.5 74.8 98.: 1 
800K 42.5 31.0 86.3 72.2 67.0 97.4 79.4 0.7 9 `ý. 
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in order to obtain an acceptable system efficiency. The configuration of the regeneration 
unit and its operation mode are of great importance for the viability of the overall process. 
It is evident that the reaction and the regeneration stages of the process are closely cou- 
pled for this particular study. The mode of desorption and the operation of the desorber 
are critical for the performance of the adsorptive reactor and vice versa. An issue of great 
significance at the process level is the energy integration between the reaction and re- 
generation stages. In the subsequent chapter, process optimisation studies are pres'eiitecl. 
attempting to address these key issues, although the detailed design of the desorber unit 
is not included in the optimisation problem, since the design proposed in this work (i. e.. 
well-mixed fluidised bed type of arrangement) is clearly limited. A different set --up, such 
as a multi-stage fluidised bed configuration or the use of indirect heating. niay 
be more 
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advantageous. 
Note that the analysis presented in this work is based on a scenario in which the flowing 
adsorbent medium is the only means of supplying additional heat for the endothermic 
SMR process. Alternative process configurations could also be investigated, e. g. the use 
of structured reactor arrangements in which some channels are used for heat supply pur- 
poses, and others for reactant processing or the use of a reaction-only section followed by 
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4.2 Effect of adsorbent characteristics 
In this section, attention is given to the influence of the CO2 adsorption kinetics and ca- 
pacity - i. e., the parameters kLDF in Eq. 3.36 and mC02 in Eq. 3.34, respectively - on 
the process performance for fixed values of all other operating parameters as given in Ta- 
ble 3.3. The adsorbent temperature at the reactor inlet is set at 750K and the loading at 2 
% (v/v) for this specific analysis. It should be noted that the adsorbent loading is defined 
as the volumetric ratio of the adsorbent in the 2-phase gas-solid mixture (cp = 0.02). 
Based on the kinetics and capacity of CO2 adsorption, adsorbents can broadly fall into 
four categories, i. e., fast kinetics-high capacity, fast kinetics-low capacity etc. Obviously, 
adsorbents with high capacity and fast kinetics are considered ideal. On the ether hand. 
4.2. Effect of adsorbent characteristics ;Iº 
adsorbents with low capacity and slow kinetics are clearly inappropriýite. usually, the 
available adsorbent materials, suitable for CO2 adsorption at high temperature,. lie in the 
other two classes, i. e., there is a trade-off between high capacity for CO-) and the adk )rp- 
tion/desorption kinetics. Typical examples of adsorbents having relatively fast kinetics 
but lower capacity are hydrotalcites (Ding and Alpay, 2000a), whereas lithium zirconate- 
based adsorbents (Ochoa-Fernandez et al., 2005) would generally offer comparably higher 
capacity, but relatively slow kinetics (due to chernisorption). The objective is. therefore, 
to carry out a further parametric study of the sorption-enhanced SMR pro>cess, focusing 
on the effect of the two aforementioned adsorbent characteristics on the inet bane c(ºn- 
version enhancement and the CO2 recovery in order to ascertain which class of available 
adsorbent materials is more suitable for the process and what the theoretical limits of the 
sorption-enhanced process are. 
4.2.1 Effect of adsorbent capacity 
The conversion enhancement factor as function of the adsorbent capacity at several values 
of the LDF coefficient is plotted in Fig. 4.11, and the CO2 recovery for the same parameter 
values in Fig. 4.12. In all cases, emphasis is given to the performance of the reactor by 
assuming that fresh adsorbent is fed. Several trends are immediately noticeable: both con- 
version enhancement and CO2 recovery are strongly non-linear functions of the adsorbeiit 
capacity. Higher CO2 capacity favours both conversion and recovery; however, the CO2 
recovery as function of adsorbent capacity tends to an asymptotic value relatively soon 
(around mC02 -- 0.7 mol kg-1 for kLDF > 0.25 s-1) while the conversion enhancement 
continues to increase with increasing sorption capacity even beyond the parameter range 
investigated. 
This can be explained by considering the adsorbent-phase concentration of CO2 at the 
reactor exit in comparison with the one at equilibrium, i. e., q and q* respectively. 
As 
shown in Fig. 4.13, the values of q at the reactor outlet were found to 
lie quite cl()'(, to 
the adsorption isotherm in the cases of fast kinetics. Calculations additionally 
in(licate(l 
that they are comparable in these cases. Therefore, the absolute amount of 
CO) that is 
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Figure 4.11: Conversion enhancement factor as function of adsorbent capacity nr('O2 for 
several values of the linear driving force coefficient kLDF. 
removed is similar; however, the higher the capacity, the lower the corresponding CO2 
partial pressure, as shown in Fig. 4.13 and hence the higher the conversion. 
4.2.2 Effect of sorption kinetics 
With regard to the sorption kinetics, it can be seen in both Fig. 4.11 and Fig. 4.12 that 
above approximately kLDF ý- 0.25 s-1 neither the conversion nor 
CO2 recovery appear 
to improve for higher capacities. This trend can be seen even better when coin vrsion 
enhancement and recovery are plotted as function of kLDF for several values of the sorption 
capacity, as shown in Fig. 4.14 and Fig. 4.15, respectively. It is evident that both conversion 
enhancement and CO2 recovery reach a plateau as functio>ii of h"LDF in all four nj(, O2 
cases, i. e., increasing the sorption kinetics beyond a certain limit does not iinprov-Ee neither 
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Figure 4.12: CO2 recovery as function of adsorbent capacity nrý ý, for several values of 
the linear driving force coefficient kLDF. 
conversion nor CO2 recovery. This behaviour can be understood by considering the time- 
scales of CO2 production by the reaction and CO2 sequestration by adsorption. In order 
to achieve the desired effect in a sorption-enhanced reaction process, it is important to, 
match the rates of CO2 production and CO2 sequestration; however, increasing the CO2 
sequestration kinetics beyond the rate of CO2 production does not bring any additional 
benefits, as is seen in Figs. 4.14-4.15. When the adsorbent regeneration step is A, () 
considered, however, faster adsorption/desorption kinetics is still an advantage because it 
allows a shorter residence time in the desorber. 
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Figure 4.13: Langmuir isotherms and corresponding values of q at the reactor exit. 
4.2.3 Effect of regeneration conditions 
Let us now consider the full process as shown in Fig. 3.1, i. e., including adsorbent regen- 
eration. It is important to understand that if the adsorbent regeneration in the desorber 
is not complete in a single pass - which would always be the case in reality unless the 
residence time is extremely large - CO2 can accumulate on the adsorbent particles s() that 
at steady state not the entire sorption capacity is utilised but the amount adsorbed cycles 
between two points on the adsorption isotherm that may be close to each other despite 
ý. 
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Figure 4.14: Conversion enhancement factor as function of linear driving force coefficient 
kLDF for several values of adsorbent capacity mco2 
high overall CO2 adsorption capacity. 
The conversion enhancement and CO2 recovery as function of the purge stream flowrate 
in the desorber are plotted in Fig. 4.16 and Fig. 4.17, respectively, for a combination of 
two values of adsorbent capacity and kinetics chosen in order to cover the four limiting 
cases, previously discussed. It is worth noting that, while adsorbent with higher capacity 
is always superior in terms of conversion enhancement when fresh adsorbent is fed into 
the reactor (Fig. 4.11), when regeneration is considered as well, comparable performance 
is obtained for both high capacity-slower kinetics, and lower capacity-fast kinetics coin- 
binations. The reason is that in a steady-state operation with adsorbent recycle and 
regeneration, high adsorbent capacity on its own is not a sufficient condition for high 
conversion as it is the case when fresh adsorbent is fed. Here, high adsorbent capacity 
must be accompanied by fast adsorption/ desorption kinetics in order to full- realise its 
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Figure 4.15: CO2 recovery as function of linear driving force coefficient hkJ, J)p for several 
values of adsorbent capacity mco2 
potential, i. e., desorb the CO2 accumulated on the adsorbent particle in the reactor. This 
is exemplified by the significantly higher conversion as well as CO2 recovery values achiev- 
able for the ideal combination of high capacity (mc02 = 1.5 mol kg-1) and fast kinetics 
(kLDF = 0.75 s-1). The reason for the high conversion enhancement achieved in this case 
is that the high adsorbent capacity is indeed fully utilised, thanks to the fast kinetics 
(nearly complete regeneration). 
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Figure 4.16: Conversion enhancement factor as function of the purge steaiii flowrate in 
the desorber. 
4.3 Concluding remarks 
The results presented in this chapter reveal interesting features of the proposed continuous 
SE-SMR process. The key findings can be summarised, as follows: 
1. The feasibility of the proposed reactor concept is demonstrated by predicting a defi- 
nite degree of CH4 conversion enhancement (up to 75% compared to the conventional 
operation under same conditions) at moderate temperatures (750K). 
2. Important design and operating parameters are identified, namely the adsorbent 
loading and temperature, denoting the two-fold contribution of the adsorbent. i. t .. 
separation as well as extra heat for the endothermic reaction. This gives rise to an 
interesting optimisation problem comprising the reaction versus S('J>arddt 1OI1 trade off. 
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Figure 4.17: CO2 recovery as function of the purge steam flowrate in the desorber. 
3. The interaction between the reaction and regeneration stages of the process is of 
great significance. The scope and directions for further process improvement are 
underlined and alternative process configurations are discussed (see Chapter 6). 
4. Adsorbent characteristics are critical for process design. High-capacity adsorbents 
with fast adsorption/desorption kinetics (e. g. mco2 = 1.5 mol kg-1, kLDF = O. 77) 
s-1) could extensively exploit the potential of the proposed process. 
More specifically, -70% and -80% methane conversions were calculated for 5'/'c and 1()adsorbent 
loading, respectively, at 800K. Although these results depict a -70% conversion 
enhancement, they come at the expense of low molar fraction of the recovered CO2. which 
is -97-98% of the total amount produced. The parametric studies form a platform upon 
which the process optimisation is carried out, as presented in the following chapter of this 
thesis. 
Chapter 5 
Optimisation studies 
As shown in Chapter 4, the performance of the proposed sorption-enhanced rear t io iii pr()- 
cess is affected by a number of highly interacting design and operating parameters. In 
this chapter, a formal model-based optimisation approach is developed to determine an 
optimally configured and operated adsorptive reactor. The hybrid nature of the process 
necessitates the special consideration of various performance criteria that reflect the syner- 
getic effect of combined reaction and adsorption, e. g. methane conversion and H2 product 
purity. The energy requirement of the process is also touched upon by means of the reactor 
efficiency. 
Based on the model presented in chapter 3, optimisation is performed using gOPT, the 
optimisation tool of gPROMS (Process Systems Enterprise Ltd. ). This optimiser converts 
the optimisation problem to a non-linear programming (NLP) problem using a control 
vector parametrisation (CVP) technique with a successive quadratic programming (SQP) 
algorithm, as implemented in the SRQPD code. The solution tolerance for the optimisa- 
tion is 0.001. In other words, convergence is deemed to occur when a linear combination of 
the gradients of the Lagrangian function on one hand, and the violation of the constraints 
on the other, drops below this tolerance. Scaling is applied to the optimisation clec itiioii 
variables according to the ranges of their values. As a result, the scaled variables vary 
between -1 and 1. 
5.1. Optimisation problem formulation 
Since the underlying mathematical model is a steady- state one, a so-called "point- opt i- 
misation is performed. From a mathematical point of view, this is equivalent to solving a 
purely algebraic problem in which a generally nonlinear objective function is maximised or 
minimised subject to generally nonlinear constraints by manipulating a set of optimisar ion 
decision variables that may be either continuous or discrete. For the non-convex problem 
described in this work, optimality is dependent on the starting point (i. e., initial guess) 
and global optimality cannot be guaranteed. 
5.1 Optimisation problem formulation 
The optimisation approach seeks to determine the optimal values of important design 
and operating parameters as identified by the parametric studies presented in chapter 4. 
Ideally, all the process performance measures (see chapter 3) should be simultaneously 
treated as the objectives of the optimisation problem. To tackle this limitation, a single 
performance objective is optimised whereas some of the remaining performance criteria 
are treated as constrained variables. 
The general form of the mathematical non-linear programming problem considered in 
this work is as follows: 
Maximise Performance objective (5.1) 
(5.2) 
w, h'i ed to 
Decision variables : 
slower < cinitial < upper 
(5.3) 
Performance measures : 
H> set point 
( 5.4) 
The process performance indices incorporated in the optimisation problem are: 
ý. 1. Optimisation problem formulation 
" The hydrogen yield, YH2 
" The methane conversion, X(%) 
" The carbon dioxide recovery, R(%) 
" The hydrogen product purity, H2(%) 
" The reactor efficiency, T(%) 
4. )r) 
The choice of their set points is based on literature data (Xiu et al., 2002a; Jo ý1insen et al.. 
2006b; Ryden, 2006), depicting a "high-standard" process performance. 
The set of optimisation decision variables include the following model parameters: 
" The reactor length, L 
9 The temperature of the gas at the reactor inlet, Tf 
9 The superficial gas velocity, ug 
9 The voidage of the reactor, e 
" The temperature difference Tads -Tf at the reactor inlet, ü 
" The adsorbent loading, cp 
The lower and upper values of the aforementioned model parameters are given 
below: 
0.1m < L < 1m (5.5) 
700 K< Tf < 823 K (5-0) 
0.5 ms-1 < ug < 2ms-1 
('. 7) 
0.2 <E<0.75 
0K <0< 300K 
0.01 < co < 0.1 
(,. 1 U) 
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As previously mentioned, the optimisation procedure cannot in principle guarantee the 
global optimal solution, since the optimal results may be affected by the initial guesses 
and bounds of the constrained parameters. With this in mind, a systematic approach was 
adopted to direct the optimisation towards improved process performance in comparis(an 
with the "base case" presented in the previous chapter. Firstly. the objective was to 
maximise the hydrogen yield, YH2, while maintaining a "high-standard" performance in 
terms of the other four indices. The optimisation was performed repeatedly with various 
distinct sets of initial guesses. The best solution obtained was considered (assumed) the 
global optimum. The corresponding values of the decision variables were then used gis 
initial guesses for the other optimisation problems. However, even in these cases several 
optimisation tests were performed resulting in insignificant discrepancies. Again the best 
solution was assumed the global optimum. The optimisation results presented bell )W can 
reduce experimental effort by providing useful insights into the key factors affecting the 
optimal process performance. 
5.2 Optimisation results 
The results of the optimisation scenarios that were considered are given below. Table 5.1 
summarises the optimal values of the decision variables for all the cases under investigation. 
Maximise hydrogen yield 
The optimisation problem is described by the formulation below: 
max YHZ s. t. X, R, H2, > 95%, 70% <T< 85% 
The optimal value of the hydrogen yield is 4 moles H2 per mole 
CH4 fed. The optimal 
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results for the constrained performance indices are: 
X= 99.5% 
R=98.8% 
H2 = 99.5% 
T= 79.9% 
101 
Regarding the statistics of the SRQPD optimiser, the total computational time for the 
optimisation was 10 s on a Pentium IV machine with dual 1 GHz CPU. The number of 
the NLP iterations and the line search steps were both 14. 
Maximise conversion 
The problem formulation is the following: 
max X s. t. R, H2, > 95%, 70% <T< 85% 
The maximum methane conversion is equal to 99.8%. As for the other performance mea- 
sures, their optimal results are given below: 
R=98.0% 
H2 = 99.4% 
T= 79.7% 
The total CPU time was 35 s. 14 NLP iterations and 20 line search steps needed for Hie 
optimisation. 
Maximise C O2 recovery 
The optimisation problem is formulated as follows: 
max %R s. t. X, H2, > 95%, 70% <T< 85`% 
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The optimal value of CO2 recovery was found equal to 99.5', "(. The ether optimal in- 
dices were calculated as follows: 
X= 97.1% 
H2 = 98.9% 
T= 79.5% 
As for the statistics of the optimiser, the total CPU time was 5 s. the number of the 
optimisation iterations was equal to 13, and the number of -N-LP line search steps 14. 
Maximise hydrogen purity 
The optimisation formulation is: 
max H2 s. t. X, R, > 95% 7 70% <T< 85% 
The results showed that the maximum obtainable product purity is 99.7/(. The corre- 
sponding optimal values of the constrained variables are: 
X= 98.9% 
R=99.3% 
T= 79.8% 
The total CPU time for the optimisation was 23 s, the number of iterations and line search 
step 22 and 62, respectively. 
Maximise reactor efficiency 
The problem formulation is presented below: 
max T s. t. X, R, H2 > 95% 
The optimal reactor efficiency was estimated equal to 84.8 
%. In this case. the coilstrainecl 
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performance measure are: 
X= 99.0% 
R= 99.0% 
H2 = 99.5% 
The total CPU time for the optimisation was 8 s. The number of iterations was equal to 
31 and the number of line search steps 42. 
Table 5.1: Summary of optimisation results 
Optimisation scenarios 
Maximise: YH2 X (%) R (%) H2 (%) T (%) 
Optimal decision variables 
L (m) 0.73 0.7 0.81 0.72 0.96 
Tf (K) 832 808 797 800 794 
ug (m s-1) 0.83 0.51 0.5 0.69 0.91 
6 0.27 0.37 0.64 0.44 0.31 
,9 (K) 106 161 76 100 108 
cp 0.06 0.03 0.1 0.09 0.06 
Performance indices 
YH2 4 3.99 3.88 3.97 3.97 
X (%) 99.5 99.8 97.1 98.9 99 
R (%) 98.8 98 99.5 99.3 99 
H2 (%) 99.5 99.4 98.9 99.7 99.5 
T (%) 79.9 79.7 79.5 79.8 84.8 
In all the optimisation scenarios under investigation, the process performance is char- 
acterised by the production of high purity hydrogen and acceptable reactor efficiency. 
However, it should be emphasised that simulation results, using the optimal vallleý of 
the decision variables from Table 5.1, indicated that the enhancement effect (E) is "iiiin- 
imised" in all cases. The calculations revealed conversion enhancement factors (E) ranging 
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between 3% and 19%, as presented in Table 5.2. These results follow the predicted trend 
shown in Fig. 4.2. This finding clearly shows that the optimal results presented above ; re 
obtained at the expense of the reaction enhancement due to CO2 capture, albeit the high 
separation capacity (R) predicted. 
Table 5.2: Calculated values of E (%) for each optimE aatio n scenario. 
Optimisation scenarios 
Maximise: YH2 X (%) R (%) H2 (%) I (%) 
E(%) 3.0 3.1 18.7 ! ). 7 10.0 
Therefore, further work is needed towards the exploration of the pros ýýs trade-offs. For 
example, appropriate tools may be employed to perform multi-objective optimisaticºn that 
will generate a set of non-dominating solutions rather than a unique so>lutio>ii. T1ºk so 
called Pareto set of optimal solutions has the property that when onfe moves from anyone 
point to another on the set, one objective function improves but the other «VO15('iis. Heiºce, 
neither solution "dominates" over the other and additional information is needed tºº choose 
between them (Rajesh et al., 2000). 
5.3 Sensitivity analysis 
The accuracy of the optimisation results presented above is obviously subject to the sane 
assumptions as the underlying mathematical model. The sensitivity analysis performed 
sought to examine the validity of the following main assumptions: 
" equal gas and adsorbent particle velocities (ý9t = 
ds) 
" heat transfer coefficient between the gas phase and the adsorbent particle. 
kh, ««i., 
equal to loh 
Furthermore, as discussed in Chapter 3, the calculation of mass and 
heat transfer (()f, ffi- 
cients, km and Iah, respectively, is a source of uncertainty, as 
is the value of the thermal 
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conductivity, A. Simulations were therefore carried out to evaluate the sensitivity of the 
process performance to variation in the aforementioned model parameters. 
More specifically, the model was simulated using the optimal values of the decision vari- 
ables presented in the last column of Table 5.1, which represent the scenario of maximising 
the reactor efficiency, T. The values of the adsorbent particle velocity (Q ), the gas- 
adsorbent heat transfer coefficient (kh, ads), the mass (km) and heat (kh) transfer coeffi- 
cients, and the thermal conductivity (A) were varied as shown in Table 5.3, as part of a 
local, one-at-a-time sensitivity analysis. 
Table 5.3: Sensitivity analysis results 
Performance indices 
X(%) E(%) R(%) H2(%) T(%) 
UMS = 0.9u t 98.89 10.51 98.89 99.39 84.61 
äds = 0.8ug t 98.70 11.12 98.73 99.30 84.43 
äds = 0.7u9 t 98.44 11.90 98.50 99.17 84.15 
kh, 
ads = 2]ßh 99.08 10.04 99.03 99.48 84.86 
kh, ads = 0.5kh 98.91 10.03 98.99 99.42 84.54 
km + 10% 99.04 10.06 99.02 99.47 84.77 
km - 10% 99.00 10.02 99.01 99.45 84.73 
kh + 10% 99.07 10.07 99.03 99.48 84.78 
kh - 10% 98.97 10.02 99.01 99.44 84.71 
A+ 20% 99.03 10.05 99.02 99.47 84.77 
A- 20% 99.02 10.04 99.01 99.46 84.74 
The results summarised in Table 5.3 indicate that no significant discrepancies in the per- 
formance indices arise due to the variations introduced. Only when some slip velocity is 
considered, does the enhancement factor, E, increase by up to 19%. Nevertheless, the 
overall process performance seems to be unaffected in all cases under investigation. 
A 
more rigorous sensitivity analysis method - global sensitivity analysis - can 
however be 
employed to quantify the effect of parameter interactions on the system 
behaviour. This 
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would take into account the possibility of more than one sources of variation acting on 
the system simultaneously. It should be noted that the aforementioned findings may he 
due to the present mathematical formulation of the process model. As a result. further 
model development involving a more detailed description of the underlying phenomena 
is necessary in order to compare the two different modelling approaches. Thence, safer 
conclusions on the sensitivity of the process performance can be drawn (see X3(;. 3). 
5.4 Concluding remarks 
The results of the process optimisation have been presented in this chapter. Based on 
a detailed mathematical model, a non-linear optimisation approach was employed (i. (e. 
gOPT) to identify promising design options and operating alternatives for a number of 
different performance objectives. The findings indicated that high methane conversion", 
can be achieved resulting in the production of high-purity hydrogen, whilst the maximuiºi 
efficiency of the monolithic adsorptive reactor was found equal to 84.8%. A local sensi- 
tivity analysis on five model parameters revealed no significant alterations in the optimal 
overall performance of the process. Optimisation studies should be extended to a detailed 
investigation of the process operating trade-offs by means of multi-objective optimisation 
techniques. Overall, the optimisation results presented here can guide experimental work 
towards an optimally configured and operated adsorptive reactor system. 
Chapter 6 
Concluding remarks and future 
directions 
6.1 Summary of results 
A novel concept for non-periodic adsorption-enhanced SMR has been presented in this 
thesis. Mathematical models were developed, comprising differential mass and energy 
balances in the monolithic reactor and the adsorbent regeneration unit. The rem-tor 
model was spatially 1-D, pseudo-homogeneous, i. e., explicitly accounting for the catalyst, 
gaseous, and adsorbent phase. A well-mixed fluidised-bed type of model was adopted for 
the desorber. 
Parametric studies were carried out, initially focusing on two areas: the identification of 
important operating parameters of the adsorptive reactor and the fundamental analysis of 
the overall process performance. The feasibility of this novel concept was demonstrated by 
showing a significant degree of conversion enhancement (up to 75%) at moderate teinpera- 
tures (750K). The associated key features of this process were highlighted, i. e., adsorbent 
loading and reactor inlet temperature. The adsorbent loading determines the separation 
capacity available in the reactor. The adsorbent inlet temperature is a means of providing 
the heat for the endothermic reaction. This gives rise to an optimisation probleni. which 
is based on the underlying trade-off between the two objectives of reaction and separa- 
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tion. The interaction between the reaction and the regeneration stage-, of the process is a 
significant characteristic of the process. The operation of the regeneration unit is linked 
with the performance of the adsorptive reactor 
It should also be noted that this analysis was based on a scenario in which the only means 
of providing heat for the endothermic SMR process is the flowing adsorbent medium. Al- 
ternative process schemes and designs may also be examined and compared. For example, 
the use of pre-reactor in order to approach equilibrium conversion before adsorption en- 
hanced reaction or the use of monolith channel arrangements in which some channels are 
used for reactant processing and others for heat supply purposes. 
The effect of adsorbent properties - the CO2 sorption capacity and adsorption/desorptioil 
kinetics - on the performance of the process was additionally investigated. The main c( )n- 
clusions of the parametric studies can be summarised as follows: when a fully regenerated 
adsorbent is fed to the adsorptive reactor, higher CO2 sorption capacity always leads toi 
higher methane conversion; increasing the sorption kinetics however, only improves (())- 
version (as well as CO2 recovery) up to a point where the rate of CO2 adsorption in the 
reactor matches that of its production by reaction. 
However, when the full cycle of sorption-enhanced reaction followed by desorption and re- 
cycle of the adsorbent particles was considered, the adsorption/desorption kinetics played 
a more important role as it determines to what extent the CO2 capacity of the adsorbent 
will be utilised. In the case of slow sorption kinetics, CO2 will accumulate on the adsor- 
bent due to incomplete regeneration, which was the case in this parametric study, and 
only a smaller proportion of the full capacity will be utilised. The results of the study 
presented in this work highlight the need for adsorbent particle engineering rather than 
just synthesis of novel materials with large capacity regardless of kinetics. and show that 
the sorption enhanced steam methane reforming process still has a significant potential 
for improvement if adsorbents merging both high capacity and fast kinetics are 
deevek )ped. 
Model-based optimisation was performed, revealing the optimal values of 
key design and 
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operating parameters (see Table 5.1). Without incorporating the detailed ýleýi_i1 of the 
regeneration unit, optimisation studies underlined the process feasibility in terms of the 
reactor efficiency (r85%). Further work is necessary though towards the determination of 
the optimal process configuration by fully capturing the associated design and operariii. 
trade-offs. 
6.2 Main conclusions 
A number of conclusions can be drawn from the above findings: 
1. Under identical operating conditions, the enhancement of CH4 conversion to H2 UýII1 
be increased by up to 75% for currently available adsorbent materials e. g. hvc irwal- 
cites, and even further for next-generation adsorbents. 
2. An optimum reactor inlet adsorbent temperature exists that maximises conversion; 
this optimum temperature is the result of a trade-off between the requirements on 
heat supply for the endothermic reaction and the C02 adsorption equilibrium which 
is favoured at lower temperatures. 
3. The conditions and mode of adsorbent regeneration are key to the overall feasibility 
of the process. While complete adsorbent regeneration is ideal from the reactor point 
of view, this can only be achieved at the expense of unfeasibly large residence times 
in the regenerator. The CO2 effluent stream would then be very dilute, which is 
unfavourable from the sequestration point of view. 
4. The adsorbent capacity and CO2 adsorption/desorption kinetics are important fac 
tors determining the ultimate success of the process proposed in this work. A para- 
metric study on the effect of these two parameters shows that achieving high CO2 
capacity is generally not as crucial as achieving fast adsorption, and particularly des- 
orption kinetics, because only a small proportion of the overall capacity is actually 
used in the adsorption/desorption cycle. 
5. Optimisation studies indicate the potentiality of the novel process 
(CH. 4 com-ersio ýn, 
CO2 removal and H2 purity in the range of 99-57( combined with good reactor 
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efficiency) and also reveal interesting features for its further development. 
The research output also highlights the scope and directions for further process improve- 
ment. In particular, the de-coupling of heat supply to the reactor by the adsorbent par- 
ticles and through external heating would enable further conversion enhancement, as well 
as possible distributed feed of the adsorbent particles flow, i. e., a pre-reactor (equilibriuiii 
conversion section) followed by a SE-reaction section. The adsorbent regeneration step 
can also be further improved by using a multi-stage fluidised bed rather than a well-mixed 
fluidised bed arrangement. 
6.3 Recommendations for future work 
Based on the results and conclusions of this thesis the following suggestions can be made 
for future research directions. In the first instance, model advancements could be made 
to: (i) accommodate the change in number of moles in the adsorptive reaction, (ii) incor- 
porate the carbon-formatting reactions into the reaction kinetics model, investigating the 
effect of the SMR catalyst deactivation on the system, (iii) account for possible compet- 
itive adsorption of H2O under the process conditions by applying a suitable adsorption 
isotherm, (iv) consider capacity loss during adsorbent regeneration, (v) represent adsor- 
bent particles attrition, i. e., changes in Pads and dp, (vi) describe the diffusion transport 
by using the Maxwell-Stefan theory. Attention could also be put on the effect of the 
adsorption heat (see Table 2.4) on the process performance in conjunction with various 
design aspects and trade-offs (additional heat for reaction vs. higher temperatures in 
the regeneration). From an engineering point of view, variations in the adsorbent load- 
ing (due to solids handling) could be addressed. Most importantly, a multi-dimensional 
model for the monolithic adsorptive reactor could be developed to depict in more detail 
the transport processes and the complex nature of the 2-phase gas-solid flow. Its simula- 
tion results will provide a safe measure of the accuracy of the results presented in this work. 
Thenceforth, appropriate mathematical models of the potential configurations of both the 
reaction regeneration stages of the process should be developed. Regarding the "reaction 
zone", the use of monolith channels for heat transfer purposes as well as the h troduction 
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of a reaction- only section followed by a sorption-enhanced section could be considerf, d. 
Additional regeneration unit designs would include multi-stage fluidised bed (ý )nfigura- 
tion and use of indirect heating in both well-mixed and multi-stage types of operation. 
The incorporation of binary variables (selection or not of a particular configuration) in 
the mathematical model, capturing a general process superstructure, can address the syn- 
thesis problem of integrated flowsheets. A systems-modelling approach can therefore be 
adopted to identify the optimal process scheme in terms of energy utilisat ion. 
Consequently, a research programme can be put forward that will set out to integrate 
process modelling and optimisation with product design into a single framework by mean, 
of multiscale modelling and simulation. This methodology will enable the development of 
catalyst-adsorbent systems for improved or novel processes, especially in the critical field 
of hydrogen production from fossil fuels. 
Catalytic reactors, such as packed beds or monoliths, consist of many physically s pi, - 
rated scales with complex nonlinear interactions between the processes occurring at each 
scale. Scale separation in a packed bed reactor and typical modelling tools applicable 
to each scale are shown in Fig. 6.1. The main spatial (and temporal) scales present in 
the system are the reactor, the catalyst particle, the pore scale and the molecular scale. 
The distinctive orders of magnitude of these four length scales are: reactor 1 m; catalyst 
particle 1 cm (10-2 m); pore 1 µm (10-6 m); molecular level 1A (10-9 m). In addition, 
the corresponding time scales vary broadly; the residence time in the reactor ranges from 
1 to 1000 s, the intraparticle diffusion time is approximately 1s and that inside the pores 
in the order of 10-5 s. The temporal scale related to the molecular phenomena, such 
as adsorption, is usually less than a microsecond. Due to the strong coupling between 
reaction and transport at micro- and mesoscales and the macroscopic behaviour at the 
reactor level, the physics at the small scales significantly influence the overall process per- 
formance (Chakraborty and Balakotaiah, 2005). It is therefore evident that traditional 
modelling approaches have limited predictive capability when applied to Luc h systenis ate 
they fall short of capturing these interactions and their implications on process design and 
operation. 
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Multifunctional reactors combine in a single unit, chemical reaction, physical separation. 
and energy integration in order to enhance overall performance. However, such hybrid 
process adds a further degree of complication to process design and optimisation. necessi- 
tating the implementation of multiscale analysis in order to express the synergetic effect 
of the unit's combined functionalities. 
Multiscale analysis has been recently identified as a promising mathematical and com- 
putational tool that could enable efficient design and optimisation of complex systems. 
Within the context of chemical engineering, multiscale modelling facilitates the exten- 
sion of conventional modelling capabilities to new application areas and the attainment, of 
higher levels of detail and accuracy (Ingram et al., 2004). More specifically, new oppor- 
tunities have been presented for innovation in catalyst, reactor and process technologies 
(Raimondeau and Vlachos, 2002). 
Macroscopic: 
CFD, CAPE 
iMesoscopic: 
Coarse-grained 
models Atomistic: 
MD, KMC, TST 
LJ- 
t roý7' 
L (m) 1 10-3 10-6 10-9 
t (s) 10-103 1 10-5 10-7 
Quantum: 
DFT 
Figure 6.1: Scale separation in a packed bed reactor with main scales and typical modelling 
tools: L and t are the corresponding length and time scales in m and s respectively. 
CAPE: 
computer-aided process engineering; CFD: computational fluid dynamics: DFT: 
density 
function theory; KMC: kinetic Monte Carlo; MD: molecular dynamics: TST: transition 
state theory. 
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A multiscale model is a composite mathematical formulation comprising at 1ea, t two Sub- 
models that describe phenomena at different scales. This implies ino ýdelling between two 
or more scales, starting from the quantum level and moving to the atoillistic level, theil to 
coarse-grained models at the mesoscale, and finally to the continuum regime. The general 
idea involves the pass of information from a smaller (finer) scale to a nimdel at a larger 
(coarser) scale, by leaving out degrees of freedom while moving from finer to coarser scales. 
The most common goal of multiscale modelling is the prediction of the macroscopic be- 
haviour of a process from first principles (bottom-up approach) (Vlachos, 2005). Ho weevver. 
future perspectives in chemical engineering, such as process intensification (Charpentier, 
2005), require high-fidelity design of a system in order to accurately predict acid con- 
trol phenomena even at the molecular level (top-down approach). This "reverse" lo>«w 
of information also gives rise to product-driven engineering, which has receutly attracted 
considerable attention and research effort (Charpentier, 2005; Costa et al., 2006). It is 
believed that multiscale modelling and simulation can effectively address niany featurf, s 
of the last two objectives, which have so far remained obscure (Vlachoýs. 2005). 
The aim of the proposed research is to couple the current modelling work on adsorptive 
reactors, based on continuum conservation equations and continuum 'iistitut ive rela- 
tions, with molecular and quantum mechanics theory. The complex interaction between 
adsorption and reaction and the potential operating configurations preclude any intuitive 
reactor design optimisation. As a result, it is essential to understand the underlying chem- 
istry for the improved design and optimisation of such complex systems. This modelling 
paradigm imposes new challenges and presents opportunities for further exploitation, since 
it is strategically positioned at the interface of chemical engineering with chemistry. 
Overall, future research is proposed to focus on: 
" The development of multiscale modelling concepts for the design and optirnisatioii 
of novel or improved approaches to hydrogen production 
" The synergism of reaction and process engineering principles 
" New approaches to integrated process and cat, -, 'I`-st design 
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" Model-based design of multifunctional catalysts 
Hierarchical multiscale modelling of adsorptive reactors 
A modernistic, hybrid approach can be adopted, in which each scale is modelled by em- 
ploying different modelling approaches and tools (see Lerou and -g, 1996; Charpentier and 
McKenna, 2004; Vlachos et al., 2006). The overall concept is to develop reliable models hi- 
erarchically to ensure minimum computational expense. The complex interaction between 
adsorption and reaction can exhibit a wide spectrum of time and length scales depending 
on the process configuration and mode of operation. Hence, it is not essential to simulate 
all phenomena at all scales with the highest accuracy in order to predict macroscopic prop- 
erties such as conversion and selectivity. Instead, it can be realised that merely a number of 
reactions, species, phenomena and some scales are in fact necessary for accurate prediction 
of macroscopic behaviour. As a consequence, a systematic framework is required to Select 
which scales to study in detail and then decide what type of model is suitable for each ()ne. 
The proposed approach of hierarchical multiscale modelling is to start with the simplest 
possible, still precise model at each scale and then identify the importaiit scales and model 
parameters at each scale (Vlachos et al., 2006). Model accuracy can be assessed by compar- 
ison with process data and the model of the important scale as well as the associated active, 
model parameters can be improved by using a higher-level theory. This process continues 
iteratively until the key scales and parameters do not change and convergence is achieved. 
However, the resulting models are often quite complex and model reduction is needed toi 
obtain computationally tractable and physically meaningful formulations. Mathematical 
tools, such as computational singular perturbation (Shvartsman and Kevrekidis, 1998), 
scaling analysis (Jahn et al., 1997) and identification of rate determining step 
(--%Ihadesh- 
war and Vlachos, 2005) can be used for model reduction at various scales. 
The application of the aforementioned methodology can be extended to enhance the ex- 
isting model of the adsorption-enhanced hydrogen production process presented 
in this 
work. As an initial case study, the extensively studied water-gas shift reaction on 
Pt 
catalyst could be considered (Mhadeshwar et al., 2003: Mhadeshwar and 
V1achoºs, 2004. 
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2005). The modelling work would then concentrate on the more intric; ite steam reforming 
of methane on Ni catalyst (Xu and Foment, 1989a, b). 
Adsorptive reactor design optimisation 
Subsequently, the work can address the general problem of combined reaction and separa- 
tion, as well as possible energy integration and network synthesis (Kauchali c't al., 2004) 
in order to optimise overall process performance. The developed miiltiscale models \Vollld 
be used to determine an optimally configured and operated adsorptive-reactor process. A 
method for computationally efficient optimisation of the process with multiscale objectives 
would be required. Appropriate model reduction techniques can be utilised to oven Orne 
the computational burdens associated with such large optimisation problems (Christofides 
and Armaou, 2006; Vlachos et al., 2006). The most cost-effective process scheme in terms 
of minimum energy utilisation could then be identified subject to operability and pro- 
duction constraints as well as new constraints arising at the microscale. The work could 
also progress towards the incorporation of dynamic behaviour and uncertainty considera- 
tions in the multiscale optimisation problem formulation and solution, since suich complex 
chemical systems may give rise to stochastic phenomena and, thus, operating trade-offs. 
Integrated process and catalyst design 
Interacting phenomena (reaction combined with adsorption) in such complex catalytic 
reactors often occur at such large time and length scales that lie outside the span of 
molecular models. On the other hand, continuum constitutive equations may be deficient 
in describing them because of their averaged forms. To tackle problems associated with 
this intermediate, elusive regime (usually referred to as mesoscale) a strong coupling be- 
tween the scales is required. The flow of information should therefore be bi-directional. 
thus presenting challenges since the development of robust and efficient methods for their 
solution is still at early stages (Raimondeau and Vlachos, 2002). 
The proposed multiscale framework can accommodate these challenges and would sub- 
sequently enable the integration of process engineering with catalyst and/or adsorbent 
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design. In particular, the work should address the issue of catalyst and adsorbent suit- 
ability for adsorptive reaction systems of specific conversion, selectivity or scp arati0 n re- 
quirements. This would involve coupling of models between scales linking atoinisti( Scale 
information of materials with global reactor performance criteria. Parametric optimisa- 
tion can then be applied to yield the catalyst and adsorbent properties that can produce 
the required macroscopic behaviour. In the long term, such an advance can shape the 
foundation for a generic tool for the selection of catalysts/ adsorbents for novel, intensified 
process applications. 
Model-based design of multifunctional catalysts 
The developed framework can be employed for the design of novel catalysts with inte- 
grated structured functionalities. In such intensified processes, the multi-functionality 
occurs at the particle level and is usually introduced by combining catalytic properties 
with an engineered catalyst function (Dautzenberg and Mukherjee, 2001). In the first 
instance, the potential of multifunctional catalysts with integrated adsorption sites should 
be evaluated (Grünewald and Agar, 2004). Computational methods need to be developed 
to obtain the most favourable catalyst structure (formulation) in terms of enhanced pro- 
cess performance. More specifically, the composition of the catalyst would be treated as 
a manipulated variable which can be optimised by linking information across the scales. 
The work can then move towards the conceptual design of novel reactors for process inten- 
sification. Such a theoretical analysis will be useful in guiding future experimental «'()rk 
in this field, since it can reduce in size the parametric space associated with so complex 
reaction systems. 
Overall, the aim of the proposed research is the development of a hierarchical. multiscale, 
computational framework that will enable the rational design of multifunctional cataly-. "t, 
for use in novel intensified processes, e. g. multifunctional catalytic reactors. Such a mod- 
elling approach will inherently incorporate both process design/optimisation and product 
design. The area of fuel processing for hydrogen production can initially be used toi explore 
the potential of this multiscale approach. Attention would be given to "curl) cc t pro- 
cesses that combine in a single unit chemical reaction, physical separation and/or enerp- 
6.3. Recommendations for future work 11' 
integration in order to enhance overall performance. This framework can then be used as a 
tool for multiscale analysis of other fluid-surface interacting systems such as biocatalysed 
reactions. In conclusion, the work aims to contribute towards the coupling of mesoscopic 
and macroscopic scales in reaction engineering applications, while utilising system-level 
tools such as parameter estimation, sensitivity analysis and model-based optimisation. 
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Appendices 
Appendix A 
Mass balances derivations 
General material balance over a volume element of the monolithic adsorptive reactor: 
Flowrate of com- 
ponent, i, INTO 
elemental volume 
Flowrate of com- 
- ponent, i, OUT of J+ 
elemental volume 
Rate of generation 
of component, i, in J=U 
elemental volume 
A schematic diagram of the elemental volume is presented in Fig. A. I. 
Definitions 
Volume of the monolith channel: V= Vg + Vads + Vc 
Free cross-sectional area: 6_ (Vg + Vads) /V 
Adsorbent loading: cO = Vads / (V9 + Vads) 
Adsorbent mass flux: m= oadsfladsA 
Gas-phase density: c9 = P/RT9 
Catalyst-gas specific area: a, = A, /VE = 2/Rc 
Gas-adsorbent specific area: cads = Aads/Vads = 6/dp 
APPENDIX A. MASS BALANCES DERIVATIV»-S l:; - 
m qi m Cp 
ads 
Tads 
dTT in 
dz 
---- z 
z+Az 
dT out 
dz 
Figure A. 1: Schematic representation of the computational domain. 
q out 
out 
mm Cp, ads' ads 
A. 1. Gas phase 
A. 1 Gas phase 
Vgc 
- V, tout - 
krna, AEOz(Cj, 
g - <. 'i. c) i, g 
- Vg =A-A-., ýO ý, -0 
int 
(dCi) ac ( 
ug di, - 
km 
1- 
(Ci, 
g - Ci, c) - Pads 1_ r'ad. s ý0) 
Substituting 
eint = 
u9 
9 (1-ý0)ý- 
1: ýý 
and multiplying by (1 - cp)E results in Eq. 3.1. 
A. 2. Catalyst phase 
A. 2 Catalyst phase 
kmQcAEOz(Gi, 
g - ci, c) 
+ r)mcri =0 
Vý=A(1-E)A2 
kmac 
1 e(ci, 9 - 
c'i, c) + f7gcri =0 
- 
l: v1 
Note that pc =3 os where os = 2355.2 kg m-3 (Xu and Froment, 1989b). 
A. 3. Adsorbent phase 
A. 3 Adsorbent phase 
mgin - mgout - madsrads =0 
Vass=AScpzz, Oz-40 
cads dq 
eV 
-dz+d ads 
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Appendix B 
Energy balances derivations 
B. 1 Gas phase 
V9(C9cp, 
9T9)Zn - 
V9(c9cP, 
9T9)"t 
+ khCY, A6Az(7', - 
Tg) + 
+ kh, adsaadsAE'PL Z(Tads - 
T9) =O 
-*0 U9=Ae(1-cp)Az, Az 
91 ý 
(_(cgcp, 
9Tg)) + khac 1_ 
(Tý - T9) + 
(Tads - T9) =0 + kh, adsaads 
B. 2. Catalyst phase 
B. 2 Catalyst phase 
- AA(1 - e) - 
dTc out 
+ AA(1 - e) - 
d7', in 
dz dz 
III 
+ khacAEAz(Tg - Tc) + ? 7m, 
(-AHRj )Rj 
j=I 
ýý=A(1-s)Lz, Az- 0 
2 III d Tc E A+ khac (Ts - 7'c) + ? 7gc(-OHRj )Rj dz2 1E j=I 
ý? 'ý ýý. 
,., ý-- 
'= . 
1 12 
B. 3. Adsorbent phase 
B. 3 Adsorbent phase 
mcp, ads ads - ThCp, adsTads 
+ kh, adsaadAeVAz(T9 - Tom) -}- 
mad, (-AH,, ý)rads =0 
Vas=AEcpLz, Oz-40 
Uads ad QadsCp, ads 
dTads 
- dz 
+ kh, adsaads(Tg - 
Tom) + 
+ Pads - Lt Hads) rad8 =0 
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